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LOCAL PARAMETERS IN COCURRENT 
MERCURY-NITROGEN FLOW 

by 

L. G. Neal 

ABSTRACT 

Two instruments were developed which can be used 
to study the structure of two-phase flow: first , an electr ical 
probe capable of measuring local values of the gas fraction, 
bubble frequency, and bubble-size spectra; second, an impact 
probe that can be used to measure the local liquid velocity. 

These instruments were used to measure local flow 
parameters in cocurrent mercury-ni t rogen slug flow. These 
resul ts are presented in tabular and graphical form. In addi
tion, a photographic study was made to determine the shape 
of the individual slugs. 

The gas fraction and velocity profiles were analyzed 
by a modification of the variable-density model to include 
local slip. Results showed that the distribution of the phases 
is not important in determining the average phase velocity 
ratio, and that the average slip is a result of local buoyant 
forces . The photographic study showed that the s t ructure of 
mercury-ni t rogen flow is much different from air -water flow. 
The slugs a re asymmetr ic , with the gas rising up one wall and 
the mercury flowing down the opposite wall. This is a resul t 
of the high-surface energy of the mercury and, consequently, 
non-wetting of the wall. Because of the diss imilar i ty of flow 
s t ruc tures , the correlat ions derived for a i r -water flow are 
not applicable to mercury-ni t rogen flow. 

I. INTRODUCTION 

When a liquid and a gaseous phase flow cocurrently through a v e r t i 
cal pipe, the phases distribute themselves in one of several flow patterns 
depending upon the volumetric flow rate of each phase, and the interphase 
and intraphase forces . When the gas flow rate is small relative to the 
liquid flow ra te , the gas appears as a suspension of small bubbles. The 
bubbles move more or less independently of each other at velocities which 
depend upon their s ize. This regime is called bubble flow. If the gas con
centration is increased at constant mean liquid velocity, bubble coalescence 



, . 1 ^^-r b u b -
t n.^ aas is conta ined m l a r g e r 

b e c o m e s i m p o r t a n t ; eventua l ly , mos t ol tne g rnany d i a m e t e r s 
b l e s of v e r y n e a r l y the s a m e d i a m e t e r as the piP -cs^te i s f u r t h e r i n -
long . This r e g i m e is ca l led slug flow. As the gas gjugs touch to fill 
c r e a s e d , the slug length i n c r e a s e s until even ua y vvall a s an a n n u l a r 
the c o r e of the pipe with g a s . The liquid flows ^ ^ ° " ^ ^ ^ ^ ^ ^ j^.gj^ g^̂ g f i ^ ^ 
f i lm. This r e g i m e is ca l led annular flow. Fma J'^^^_ .^j^-g j ^ g t r e g i m e 
r a t e s , the l iquid is d i s p e r s e d as a mis t in the ga 
is ca l led m i s t flow. 

,tt»rTis ^'*^' H o w e v e r , t h e r e a r e 
These a r e the four bas ic flow pa t t e rn s . ,->,» = <. Ti;,mp« alcr, tm-c rhoose to give t h e s e n a m e s a l s o . 

t r a n s i t i o n r e g i o n s , and many inves t iga tors choose g , „ „ „ i 3 ^ flnw 
•.-•̂ v̂  T^^twepn s lue and a n n u l a r How. This is p a r t i c u l a r l y t rue of the t rans i t ion between Slug 

, - 1 1 j-^^mc and c o l l a p s e s a g a i n in to a s lug In th is c a se the annulus per iodical ly forms ana co i iap g g 
p a t t e r n . This r eg ime is frequently called s e m i - a n n u l a r f low. 

The r e g i m e s of bubble flow and slug flow e n c o m p a s s m o s t c a s e s of 
p r a c t i c a l i m p o r t a n c e . These p r o c e s s e s a s s u m e i m p o r t a n c e , for e x a m p l e , 
in the design of nuclear r e a c t o r s which a r e cooled by bo i l ing w a t e r , l i qu id 
m e t a l s , or organic l iquids . Although a g r e a t deal of r e s e a r c h h a s b e e n d e 
voted to the i r study, many details of the flow s t r u c t u r e r e m a i n v i r t u a l l y 
unknown. An important reason has been the l ack of i n s t r u m e n t a t i o n capab le 
of p r e c i s e m e a s u r e m e n t of local p a r a m e t e r s such a s g a s f r a c t i o n , p h a s e 
ve loc i t i e s , and bubble-size d is t r ibut ion . 

This study was initiated with the p u r p o s e s of deve lop ing i n s t r u m e n t s 
to m e a s u r e these quantities and to use t h e s e i n s t r u m e n t s to s tudy a t w o -
phase sys t em. Because of the c u r r e n t i n t e r e s t in bo i l ing l i q u i d - m e t a l hea t 
t r ans f e r , the system chosen for study was m e r c u r y - n i t r o g e n in v e r t i c a l 
slug flow. 

To summar ize , the plan of th i s r e p o r t m a y be s t a t e d a s f o l l o w s : 

(1) Review existing two-phase flow t h e o r y wi th e m p h a s i s on s lug 
flow. 

(2) Describe an e l e c t r i c a l p r o b e which can be u s e d to m e a s u r e local 
values of gas f rac t ion , bubble f r e q u e n c y , and bubb le s i z e s p e c t r a 
m a two-phase m i x t u r e whose c o n t i n u o u s p h a s e i s an e l e c t r i c a l 
conductor . 

(3) Descr ibe an i m p a c t p r o b e which can be u s e d to m e a s u r e l o c a l 
values of the l iquid ve loc i t y in d i s p e r s e d t w o - p h a s e f low. 

(4) P r e s e n t r e s u l t s of a s tudy us ing a m e r c u r y - n i t r o g e n s y s t e m 
in ve r t i ca l s lug flow. 

(5) Develop an a p p r o p r i a t e m o d e l b a s e d upon t h e s e r e s u l t s . 



II. REVIEW OF THE LITERATURE 

Publication in the field of two-phase flow has been extensive, and 
several comprehensive l i tera ture surveys are available. (21,32) A number 
of empirical and semi-empir ical models have been proposed as a basis 
for flow calculations. The more successful of these are reviewed in the 
following discussion. 

Martinelli et ad.,(33) proposed the first general correlat ion for 
two-phase, two-component p ressu re drops. The model was extended to 
describe forced-circulation boiling of water at high p r e s s u r e s by Martin
elli and Nelson(34) and is probably the most widely used for calculations 
of p re s su re drop. 

In the Martinelli model, two-phase flow is visualized as having an 
unchanging flow pattern along the channel length. The phases are assumed 
to flow in separate , continuous conduits, each satisfying a separate mo
mentum equation. These conditions are satisfied only by two-phase flow 
regimes in which the phases are both continuous and without radial p r e s 
sure gradients, i.e., annular flow. However, the model has been correla ted 
with data taken in other flow regimes to about the same degree of e r r o r , 
indicating that the flow regime assumption is not cr i t ical . 

Considering an element of fluid of length dz in the direction of flow 
and inclined 9 degrees from the horizon, the momentum equations for the 
phases are 

dP -1 : ^ d [ P L U ^ ] = (4^) dz - PL sin e dz ; (2.1) 
2g J- \ d z / L T P 

"^^ ^h'^ ^^^° "^] + 2fi ^ [<̂  " ^) PLUL] = O ^ ^ p d ^ -PG "i" ® '̂ ^ 
(2.2) 

Radial variations of phase velocity and concentration have been neglected 
in these equations. In general , these quantities are not constant as r e 
ported in References 39 and 42. 

The assumption of an unchanging flow pattern implies that the static 
p re s su re drops of the phases are equal, so that Eqs. (2.1) and (2.2) can be 
added to give a general momentum equation for the two-phase s t ream: 

dP-t-i-d [a:pQUQ-t(l -a )PLUL] = [ ^ ) dz - p sm 9 dz , (2.3) 
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where 

p = (1 - a ) P L + a.pQ 

and 

^oc^r ihed bv the u s u a l f r i c t i o n The f r ic t ional p r e s s u r e drop was d e s c r i b e a oy 

fac tor equation: 

P L U L 

TP " ^^ 2g^DL 

(2.4) 

PGUG 

UZ/TP ^° ' T P 2 g c ° 0 

whe re D L and D Q a r e the equivalent hydrau l ic d i a m e t e r s of the l i q u i d and 
g a s e o u s flow channels , respect ive ly . These a r e unknown q u a n t i t i e s and 
m u s t be de t e rmined empir ica l ly . The fr ic t ion f a c t o r s for e a c h p h a s e w e r e 
e x p r e s s e d by an equation of the form 

f = C / R e " , (2.5) 

where the constants C and n depend upon the flow condi t ion of the 
p a r t i c u l a r phase , l aminar or turbulent . 

Equat ions (2.4) and (2.5) were u s e d to r e l a t e the t w o - p h a s e f r i c 
tional p r e s s u r e gradient to the f r ic t ional p r e s s u r e g r a d i e n t wh ich would 
ex i s t if only a single phase were flowing at the s a m e flow r a t e : 

(dP\ ^ 2 / d P \ 
U Z / T P L U Z / L 

(2.6) 

The mu l t i p l i e r s 0 L and 0 ^ a r e e m p i r i c a l func t ions of the d i m e n s i o n l e s s 
factor 



-m"'m"'\i-') (2.7) 

In addition, the correlat ion depends upon the combination of flow conditions 
in the phases and, as shown by Martinelli and Nelson,(34) has an empirical 
dependence upon p re s su re . 

Martinelli _et̂  ah,(33) established the correlation of 0 versus X fô ^ 
horizontal, isothermal flow of air and various liquids: water, oils, ke ro
sene, and benzene, at p r e s su re s from 18 to 52 psia. Pipe diameters 
ranged from 0.0586 to 1.017 in., and lengths from 2.34 to 50 ft. 

Lockhart and Martinelli(30) improved the correlation by using 

(dP/dz)L 
X^ = (dP/dz)G 

(2.8) 

as a correlating factor in place of X- They also extended the correlat ion 
to data from inclined tubes with air, oil, and kerosene at atmospheric p r e s 
sures and room tempera tures . The average scatter of the data was 30%. 

Martinelli and Nelson(34) established the h igh-pressure cor re la 
tion by analyzing the data of Davidson et^al_. ,(^) for forced-circulation 
boiling at p r e s s u r e s from 500 to 3300 psia. These data were taken from 
flow in flat-pancake tube coils and a long horizontal tube. Tube diameters 
ranged from 0.5 to 1.75 in., and lengths from 10.2 to 53.3 ft. No informa
tion was given as to the scatter of the data. 

In boiling systems, the momentum change of the s t ream due to 
changes of vapor concentration must be considered. This is easily 
handled by integrating the momentum te rm of Eq. (2.3) over the flow 
length. Martinelli and Nelson(34) assumed a linear relation between x 
and z, giving 

A P 
gPL^i P L (1 

LiEl' + ^ fL. 
-a) "̂  a p^' 

(2.9) 

Levy(28) obtained an equation from the Martinelli model which can 
be used to relate the weight gas fraction x to the volume gas fraction a by 
subtracting Eq. (2.1) from (2.2): 

(1-x)^ , x^ ^ 
( 1 - a ) 

[ ^ 

1 - a 

gPLAfid 

W 

(^] 
dz/QTP \dz /LTP 

+ (Pu- PG) sin dz (2.10) 
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/ a r e v e r y slow, so tha t mo-
Levy a s s u m e d that changes in a x, and Ph/PC^^^^ p h a s e s , and the f r i c t i o n a l 
m e n t u m is exchanged be tween the wa te r and s ^^ gq^a is tha t for the 
p lus po ten t ia l p r e s s u r e change for the liqui ^^^^ ^^ wr i t ing 
g a s e o u s p h a s e . Ma themat i ca l ly , this c o r r e s p o 

_d_ 
dz 

(1-x)^ ^x^ P_h LfisA' 
TTTa) +•¥ PG " 2 V-"-i J 

(2.11) 

Afr,-n that x = 0 when a - 0 
which can be solved with the boundary condition 

to give ^^1/2 

a(l -2S) + s | ( l -Zdf +a 

X =-

2 ^ (1 - a ) 2 - l S ( l - 2 a ) 

P G ^ = • ( 2 . 1 2 ) 

2-k{i -af + a( l - 2 a ) 
^G 

1. „o t->,pnrv Ea (2.12), w a s c o m p a r e d wi th The momentum-exchange theory , ii-q- \^ I> i-
expe r imen ta l data for forced-convect ion boil ing of w a t e r -* P - - - - J 
f rom 14.7 to 2000 ps ia . P r e d i c t e d va lues of x w e r e f r o m 20 to 4 0 % h i g h e r 

i n . +T̂o cmallpqt e r r o r s b e i n s a t the h i g h e s t than found exper imenta l ly , the smaiiesu ci i<->±^ ^^ B & 

p r e s s u r e s. 

These e r r o r s a r e a r e su l t of the assunnpt ion 

\dz/ , G T P 
PG U Z / L T P 

PL (2.13) 

It does not seem poss ib le that th is r e l a t i o n i s s a t i s f i e d fo r a l l 9, t ha t i s , 
the fr ict ional p r e s s u r e l o s s e s of the p h a s e s a r e e q u a l for h o r i z o n t a l flow, 
but much different for ve r t i ca l flow. 

A number of p a p e r s ('• 5, 10, 1 1, 29) p r e s e n t a n a l y t i c a l t r e a t m e n t s 
of annular flow. In each c a s e , the a u t h o r s a s s u m e t h a t a n n u l a r flow is 
c h a r a c t e r i z e d by a liquid fi lm of u n i f o r m t h i c k n e s s and s m o o t h i n n e r s u r 
face where the gaseous co re con ta ins no e n t r a i n e d l i q u i d and the flow 
pa t t e rn does not change along the tube l eng th . T h i s i s a v e r y i d e a l i z e d 
situation that is probably n e v e r r e a l i z e d . 

Armand( i ) and Levy(29) , in s t u d i e s of h o r i z o n t a l flow, a s s u m e d 
fur ther that the liquid ve loc i ty p ro f i l e i s g iven by the o n e - s e v e n t h p o w e r 
law equation, and the t w o - p h a s e s t r e a m i s in e q u i l i b r i u m u n d e r the a c t i o n 
of the wall shear s t r e s s and a s t a t i c p r e s s u r e d i f f e r ence . The f r i c t i o n a l -
p r e s s u r e - g r a d i e n t equat ion is 

' T P 
( f ) [ 0 . 7 0 1 / ( 1 - V ^ ) ^ ( i +T 

v 7 / 4 - | 

( 2 . 1 4 ) 



This theoretical approach predicts values of p r e s su re drop about 
20% lower than experiment. These discrepancies can be attributed to the 
idealized ilo'w geometry. 

Calvert and Williams(^) derived an equation for the momentum flux 
in the liquid film: 

dP „ m dP „ ( 6 - y ) (2.15) 

where (dP/dz) is the static p re s su re gradient, 5 is the film thickness, 
and y is the variable distance from the wall. Since 6 « R and 
(dP/dz) « PL) the equation can be simplified to give: 

dP 
dz - PG f-Pd& (2.16) 

Calvert assumed the film flow was turbulent and used Prandtl ' s mixing-
length theory to determine the liquid velocity profile. In his studies of 
downward flow of liquid films, Dukler(lO) used De i s s l e r ' s relationship 
for flow near the wall and Von Karman' s equation for flow away from the 
wall. Dukler 's approach is more suitable, since flow in the film near the 
wall must certainly be laminar. Hewit t( i ' ) extended Dukler 's analysis to 
upward annular flow. De i s s l e r ' s equation is 

r/T„ = 1 •(- 0.01 u+y+ Tl -exp (-0.01 u+y+)ldu+dy-' (2.17) 

where 

ti+ = U L ( V P L ) 
1/2 

y+ = i^o/pO'" iypj^i) 

Von Karman' s equation is 

r/r, = (0.36)^ [(duVdy+)V(d^uVdy+V] . 

Equation (2.16) may be rewrit ten in t e rms of dimensionless 
var iables as 

(2.18) 

T / T „ = 1 + y+(ayri) (2.19) 

where 

o^ = 6V[(r)V^L)/(PLg)] 
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and 

r}= ( V P L ) " ' (* V / ^ L ' 

Deissler 's expression cannot be solved analytically, and a nu
merical solution has to be obtained. Von Karman' s equation can be 
integrated to give 

1 
2(0.36) 

log 
Vi 

- 1 -Hog 
s-t-1 
s. - H 

+ 2 ( s - Si) 

(2 .20) 

w h e r e 

1 -I-
+ 3 \ l / 2 

and 

+ i\ilz 

1 + I i ^ 

Hewitt^ ' gives tables of numerical solutions of Eqs. (2.17) and (2.20). 

Annular flow, as defined in the above analyses, is a very idealized 
situation which is probably never realized in practice. Measurements of 
film thickness(24,35) i„ horizontal flow show that gravity effects are im
portant. The film can be two or three times as thick at the bottom of the 
tube as at the top. In both horizontal and vertical flow, surface waves exist 
which are of approximately the same height as the mean film thickness. (27) 
Liquid entrainment always exists and its effects are usually significant. 
Armand,(l) Krasiakova,(24) and Wicks and Dukler(46) have measured en
trainment concentration in horizontal flow. Armand concluded the liquid 
mist was uniformly distributed. Hewitt,(27) on the other hand, in studies 
of vertical flow found the entrainment concentration varied both radially 
and axially. 

Lacey _e_t al 
A review of the literature related to annular flow is given by 
: t a l . V ' i 11 o I 

in the 
bubble 

Bankoff(3) treated the bubble flow regime as a 
liquid, with bubble concentration gradients exist 

suspension of bubbles 
existing radially. The 

tonicallvTn r S ' T n " '"". ' ' ' ' "" '" ^' '^^ - ^ ^ e r of the pipe, decreases mono-
n^rod A 1 direction, and vanishes at the wall. A basic concept 

introduced IS that the gas and liquid have the same velocity at any radial position. The cross- sectional average velocity of the gas is g rea te r than 



t ha t of the l iqu id b e c a u s e the g a s i s c o n c e n t r a t e d in the r e g i o n s of h i g h e r 
v e l o c i t y . The t w o - p h a s e m i x t u r e is c o n s i d e r e d to be a s ing le fluid w h o s e 
d e n s i t y v a r i e s r a d i a l l y . 

Bankoff showed, by a s imp l i f i ed a n a l y s i s of the f o r c e s on a t w o -
d i m e n s i o n a l b u b b l e , t ha t the g a s d i s t r i b u t i o n funct ion can b e a p p r o x i m a t e d 
by a p o w e r - l a w funct ion of the r a d i a l p o s i t i o n . A p o w e r - l a w d i s t r i b u t i o n 
w a s a s s u m e d fo r v e l o c i t y a l s o : 

U* = S'^'^ ; (2.21) 

a * = S'-'P . (2.22) 

The l iqu id and g a s m a s s v e l o c i t i e s a r e g iven by 

W L = 27rR2pLUrn / (1 - S)(l - a ^ a * ) u * dS (2.23) m 
/o 

and 

W(3 = 2 7 r R 2 p ^ U ^ / (1 - S ) a ^ a * u * dS , (2.24) 
•Jo 

and the a v e r a g e g a s f r a c t i o n i s g iven by 

a = 2a / a * ( l - S ) d S . (2.25) 

The qua l i ty i s def ined a s 

X = W G / ( W L + W G ) . (2.26) 

T h r e e c o n s t a n t s a r e def ined in t e r m s of the e x p o n e n t s n and p : 

f̂ p = 2 p y ( l - ^ p ) ( l - ^ 2 p ) ; (2.27) 

Hn = 2 n V ( l • tn)( l -t2n) ; (2.28) 

and 

n ^ p = 2 ( n p ) y ( n - t p - l - n p ) ( n - l p - t 2 n p ) . (2.29) 
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,-, !•> 7^1 IZ 24) and (2.25) g i v e s 
Subst i tut ing E q s . (2.21) and (2.22) into E q s . (2.23), (2.24), 

(2 .30) 

Wr , L - 7TR^PLUjn["n-o^m"npJ 

(2.31) 

a n d 

Subst i tu t ion into Eq. (2.26) gives 

i -= 1 - ^ 
X PG 

(2 .32) 

(2 .33) 

where 

K = (nnnp)/fi 
np 

A simple exp res s ion for the ra t io of the a v e r a g e p h a s e v e l o c i t i e s can be 
obtained d i rec t ly f rom Eqs . (2.30) and (2.31): 

. = =^ 1 - a 

U L K - a 

By introducing the gas vo lumet r i c flow f rac t ion , def ined a s 

fi = ( W G / P G ) / [ ( W G A G ) + ( W L / P L ) ] • 

it can be shown through the use of E q s . (2.30) and (2.31) tha t 

a = KB 

(2 .34) 

(2.35) 

(2 .36) 

Zuber(^'7) f i r s t de r ived th is r e l a t i o n s h i p b e t w e e n the p a r a m e t e r K 
and the ra t io a/,6. Armand( l , 2 ) o b s e r v e d tha t in the r e g i m e s of h o r i z o n t a l 
bubble and strat i f ied flow (/3 < 0.9), the r e l a t i o n b e t w e e n a and /3 w a s 
essen t ia l ly l inear : 

a = cp , (2.37) 

where C depends only upon p r e s s u r e . The e m p i r i c a l p r e s s u r e d e p e n d e n c e 
was 

C = 0.833 -I- 0.05 log P 

where P is p r e s s u r e in k g / c m ^ 

(2 .38) 



An expression relating the two-phase frictional p r e s su re gradient 
to the single-phase liquid p re s su re gradient was obtained by using a fr ic
tion factor equation for each gradient and by eliminating the friction factors 
with the Blasius formula. The two-phase equations were written in t e rms 
of the cross-sec t ional average velocity and density of the mixture. The 
p r e s s u r e gradient equation is 

(dP/dz)Tp / py* f 7^ \V4 fjl \ 1/4 

(dP/dz)L = [JZJ W W • 

An expression for the density ratio was obtained from the definition 
of the c ross -sec t ion average density: 

P L \ P L / 
(2 .40) 

If the condition that the mass flow ra tes must be equal in the two-phase 
and the single-phase systems be used, the ratio of the velocities is 

- f = 1 - xf l - ^ ) . (2.41) 
U L V P G / 

The viscosity ratio is not so easy to describe. Bankoff showed that the 
ratio may be grea ter or less than unity, depending upon the bubble size 
distribution, and, since it enters only as the one-fourth power, it may be 
taken as unity. 

Experimental measurements of phase and velocity distributions 
a re not available; therefore, experimentally determined values of the 
average gas fraction and quality were used with Eq. (2.33) to calculate 
values of K \which best fit the data. These data were taken for forced-
circulation boiling of water at p r e s s u r e s from 14.7 to 2000 psia. The 
p r e s su re dependence of K found in this way was given by the l inear 
equation 

K = 0.71 1- 0.001 P , (2.42) 

where P is p r e s s u r e in psia. Equation (2.42) predicts smaller values 
of K (15% at atmospheric p ressure ) than Eq. (2.38). In general , Eq. (2.33), 
with the proper value of K, fell within the scatter of the data. However, 
K appears to have a dependence on quality. In comparing Eq. (2.39) with 
p r e s s u r e drop data at 1000 psia, agreement was good at low quali t ies, but 
deviated as the quality increased. This again indicated a quality dependence. 

file:///which


Hughmark(20) extended «ie v a r i a b l e ; d e n s i 2 - ^ d e l ^ ^ ^ ^ ^ ^ ^ _ 

componen t flow. Equat ion (2.33 was us ^^^^^^^ ^.^^.^^^ ^^^^^_ 
da ta for both ho r i zon ta l and ve r t i ca l f ow ot a c o r r e l a t e d , by the 
oi l , k e r o s e n e , and benzene . These va lues of K l^^^J^^^^^^^_ ^ e b e r 
m e t h o d o f l e a s t s q u a r e s , to a Reynolds n u m b e r . T h e s e p a r a m e t e r s 

n u m b e r , and the vo lume t r i c liquid flow f rac t ion (1 - P ' ' J J " " f ^ ^^^ ^^^ K 
w e r e sugges ted by Bankoff. The Weber n u m b e r w a s not - g - f - a n t , 
was r e p r e s e n t e d by the th ree remain ing v a r i a b l e s m the f o r m 

Z = 
(Re)'^^ (Fr) (2.43) 

( 1 - « 
1/4 

The f i r s t impor t an t cont r ibut ions to the t heo ry of slug i^°^Jl'^ 
the p a p e r s of D u m e t r e s c u ( l 1) and of Davies and Tay lo r , (8 ) m which they 
c o n s i d e r e d the p rob lem: "How fast will a c losed tube full of l iqu id d r a m 
when the bot tom is r e m o v e d ? " or , a l t e rna t ive ly , "How f a s t w i l l the a i r 
column r i s e in a v e r t i c a l tube with a c losed top when the b o t t o m i s 
opened?" In this ca se , the fluid will flow f ree ly a r o u n d the o u t s i d e of the 
bubble and down the surface of the tube. The bubble h a s no l o w e r s u r f a c e , 
so the p r o b l e m s a s soc i a t ed with the bubble wake a r e e l i m i n a t e d . 

If the v e r t e x of the bubble i s taken a s the o r ig in of the c o o r d i n a t e 
s y s t e m and z the dis tance below th i s , then, r e l a t i v e l y , the whole s y s t e m 
will have a downward veloci ty Ug. Assuming po t en t i a l flow and s y m m e t r y 
about the axis of the tube, the governing equa t ions e x p r e s s e d in t e r m s of 
the velocity potential 0 and the s t r e a m function f a r e 

a^0 1 d 
Ar,Z •*" r ^ ^ 

d'j/ J_ _3_ Clf 
(2 .44) 

The boundary condit ions which m u s t be s a t i s f i e d a r e ; 

(1) constant p r e s s u r e at the bubble s u r f a c e ; U? = 2 g z ; 

(2) the origin i s a s tagnat ion point ; 

(3) a uniform bubble ve loc i ty , U g , for l a r g e n e g a t i v e v a l u e s of z; 

(4) z e r o rad ia l ve loc i ty at the wa l l . 

P a r t i c u l a r solut ions to Eq . (2.44) which sa t i s fy b o u n d a r y c o n d i t i o n s 
(3) and (4) a r e 

U B Z + X ^ 1 e x p [ K ^ ( z / R ) ] Jo(Kn ^ ) (2.45) 



and 

^ = - i u ^ r ^ + r X A„exp[Kn(z/R)] J, K n ^ , (2.46) 
n 

where K^ is a root of the equation: Ji(s) = 0. Boundary conditions (I) 
and (2) must still be satisfied, and an explicit solution seems unlikely. 

Davies and Taylori^) obtained a rough approximation to the flow 
near the top of the air column by using only one t e rm of the se r ies 
Eqs. (2.45) and (2.46). Dumetrescu(l i) made a similar approximation but 
ca r r i ed the se r ies to the third term. His resul ts gave 

Ug = 0.495 V ^ . (2.47) 

Agreement with experimental measurements was remarkably good 
for large tubes (of -J-- and 1-in. diameters) , but the theory tends to over
est imate the velocity for small tubes (y-in. diameter) . This is attributed 
to viscosity effects at low Reynolds numbers . Griffith and Wallis(i6) 
measured the r ise velocity of infinite slugs; their resul ts agree with 
Eq. (2.47). 

The flow of finite slugs is character ized by large bubbles, almost 
filling the tube, separated by slugs of liquid. The nose of the bubble is 
round and the tail is nearly flat. Because of the problem of describing 
the flow in the bubble wake, a mathematical analysis of slug flow is a 
formidable problem, and its description must rely heavily upon experiment. 

Laird and Chisholm(25) studied the p ressu re and forces along cylin
drical bubbles in vert ical flow, noting their velocities, by admitting bub
bles singly into the bottom of a vert ical column 38 ft long and of 2-in. ID. 
The column was filled with stagnant water. The observed velocities ranged 
from 0.76 to 0.88 f t /sec for slugs 4 in. to 50 in. long. This is in close 
agreement •with the value of 0.81 f t /sec predicted by Dumetrescu' s analysis 
for an infinite s lug.( i i ) Apparently the effect of the wake upon bubble 
velocity is unimportant. This conclusion is supported by later \work of 
Griffith and Wallis.(io) The analysis of Dumetrescu and that of Davies 
and Taylor descr ibes adequately the flow of finite slugs in stagnant liquid. 
Laird and Chisholm also concluded that the p r e s su re drop over most of 
the bubble length is zero and the shear force at the wall is proportional to 
the 1.5th power of the bubble length. 

Griffith and Wallis(16) also studied the effect of an imposed liquid 
velocity upon the slug velocity. They used an 18-ft vert ical tes t section 
equipped for admitting water at either the top or bottom. Three tube sizes 
were used: 1-in., -J-in., and j - i n . inside diameter . The relative slug 

file:///work
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ti,» «,ater velocity increased. In an 
velocity was observed to increase as the waic ^^^ defined in te rms of 
attempt to rationalize these results, a constant, i, 
Dumetre sou's equation as 

(2.48) 
C2 = U B / ( 0 . 4 9 5 VgR) 

where C^ is an empirical function of the ^^y"°^;;" """^g^il^g^veloTty. l!i 
liquid velocity, and the Reynolds number ^ased upon th § 

general, the correlation ^^"^/^ "^^^^^::ZLseSl^^ Reynolds num-
number based upon the liquid velocity, and inverse y , „ , , ^hpr = 

T tl. limit a SJ both Reynolds numbers ber based upon the slug velocity. In the limit as Dotn iv y 
became very large, C^ = 10. 

The variation of C2 was explained as resulting from the oncoming 
liquid velocity profile as "seen" by the bubble. For example, m the case 
of upflow, the profile is distorted in the direction necessary to pass the 
bubble; hence, a higher rise velocity would be expected. 

In slug flow studies, Griffith and Wallis(16) observed that as the 
distance between two slugs became smaller than some cr i t ical value, the 
trailing slug, influenced by the wake of the leading slug, rose faster . 
Eventually, the two slugs agglomerated. This character is t ic p roces s of 
developing slug flow was the subject of a paper by Moissis andGriffith.(36) 
Since the shape of the velocity profile of the liquid behind the leading bub
ble was believed to be most important, the approach to the problem was 
to determine the velocity profile, analytically and experimentally, and to 
measure the rise velocity of the trailing slug in the liquid having a spec
ified velocity profile. 

If the intersection of the centerline with the plane of the trailing 
edge of the slug is taken as the origin of the coordinate system and z as 
the distance below this, then, relatively, the whole system will have a 
downward velocity Ug. The problem is then one of a jet entering a c i rcu
lar pipe through an annular orifice while the pipe is moving in the same 
direction as the jet. However, the pipe velocity is not equal to the jet 
velocity. 

Moissis assumed the flow to be steady with no wall friction, and 
the core mixing process to be faster than the boundary-layer growth at 
the wall. He used Reichardt's inductive theory of turbulence(18) to ob
tain a mathematical expression for the velocity profiles. Reichardt ' s 
theory is based upon experimental data for free turbulent flow, such as a 
free jet in an infinite fluid. This annular jet is enclosed and the tube walls 
are so close that they must certainly have an effect. 
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The R e i c h a r d t equa t ion of m o t i o n w a s w r i t t e n in t e r m s of d i m e n s i o n 
l e s s v a r i a b l e s a s 

^ M 4A S S M , , ,q. 

w h e r e 

r* = r a d i u s = 2 r / D p ; 

z* = l eng th = z / D p ; 

M = m o m e n t u m flux = (m - mco)/(m| , - m a ) 

The l o c a l m o m e n t u m flux i s m = P -t- P U L . and m^, and m ^ a r e the m o m e n 
t u m f luxes e v a l u a t e d at z* = 0. The t e r m m ^ i s e v a l u a t e d a s z* -• oo. 
E q u a t i o n (2.49) w a s so lved wi th the following b o u n d a r y c o n d i t i o n s : 

( s y m m e t r y ) 

(no wal l f r i c t ion) 

0 < r* < d / D p 

d / D p < r* < 1 

r * = 0 

r * = 1 

z* = 0 

d M / d r * = 0 

d M / d r * = 0 

M = m(-

M = m a 

to g ive 

^ 2 (d /D ) J i [ K n ( d / D )] r^^x^ZA/r . ^ .i *1 
M = 2 , J , 2 , ^ , t ^ J o ( K n r * ) e x p [ - / (4K^A/D ) d z * ] 

n l^nJoll^n) 
(2.50) 

V e l o c i t y p r o f i l e s w e r e m e a s u r e d in the wake of a s t a t i o n a r y p l a s t i c 
slug in a 2 - in . tube in which the w a t e r flow w a s d o w n w a r d . The slug d i 
m e n s i o n s Awere \ \ in. in d i a m e t e r by 6 in . long . The to ta l p r e s s u r e w a s 
m e a s u r e d wi th a p i t o t t ube ; s t a t i c p r e s s u r e w a s m e a s u r e d a t the w a l l . 
The d a t a ob t a ined w e r e u s e d to c a l c u l a t e v a l u e s of the m o n a e n t u m t r a n s 
fer l eng th f r o m Eq . (2 .50) . T h e s e v a l u e s w e r e e x p r e s s e d by the e q u a t i o n 

The r i s e v e l o c i t y of the t r a i l i n g s lug w a s d e t e r n a i n e d f r o m m o t i o n 
p i c t u r e s t a k e n of two c o n s e c u t i v e s lugs a s they r o s e in the t u b e . The scope 
of the f i l m s t u d i e s i nc luded tube d i a m e t e r s r ang ing f r o m j - to 2 in. The 
d a t a w e r e c o r r e l a t e d wi th the e m p i r i c a l e q u a t i o n 
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UB/UO„ = 1 - 8 exp [-1.06 Ls/Dp] 
(2 .52) 

velocity of the lead slug; 
where U B is the trailing bubble velocity; U„ ^"°the'resuits showed that 
and Lg is the separation distance. In g"^"^" ' ^^^e diameters , 
wake effects are important for a length ot aoou 



III. A MODIFICATION OF THE VARIABLE-DENSITY 
MODEL TO INCLUDE LOCAL SLIP 

In the variable-densi ty model, v3) the local phase velocities are 
assumed to be equal: 

U L = U G . 

The model can be extended to include local slip by making the less r e 
strictive assumption that the local phase velocity ratio is independent of 
radial position. This implies that 

uL = Uj 

where 

u l = U i / U L m 

and 

U G = U G UGm • 

The local phase velocity ratio is given by 

1> = Ucm/ULm • 

where ULm and UGm a.re the maximum liquid and gas velocities, r e spec 
tively, at the center of the tube. 

Assuming power law distributions for both velocities and gas 
fraction, 

U t = u £ = S"''^ (3.1) 

and 

a* = S'/P , (3.2) 

where 

a* = a/ttjn 

The exponents n and p are positive constants. 
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Then 

W L = 27r R ^ L U L m 

and 

W G = 2 7r R-^PcUGm 
Jo 

and the ave rage gas f ract ion is given by 

a = 2 a ^ f (1 -S) a* dS . 

( l - S ) ( l - a m ' ^ * ) U L dS 

(1 -S) CL^o.* U G dS 

(3.3) 

(3.4) 

(3.5) 

With the use of Eqs . (3.1) and (3.2) and the cons t an t s def ined by E q s . (2 .27) , 
(2.28), and (2.29), the in tegra l s give 

W L = TTR^PLULTO ( f^n- t tm ^np) 

W G = TrR'pGUcm (°-m "np) • 

(3.6) 

3.7 

a = a^n fip • '3-8 

The c r o s s - s e c t i o n ave rage phase v e l o c i t i e s follow f r o m E q s . (3.6) 
and (3.7): 

U l / U L m = (f in- amf2np)/( l - a m ^ p ) : 

U c / U O m = finp/fip • 

The m a s s fract ion of ga seous p h a s e is def ined a s 

X = WG/(WG-tWL) . 

Substitution of Eqs . (3.6), (3.7), and (3.8) into Eq . (3.11) g ives 

X 
^ 1 r K • 
P G * L a 

(3.9) 

(3.10) 

(3.11) 

(3.12) 
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where 

K = nn%/finp 

is a constant. Equation (3.12) is identical with Eq. (2.33) when $ = 1. 

A simple expression for the average slip velocity ratio is obtained 
from Eqs. (3.9) and (3.10): 

= S^*(^) . 
which is to be compared with Eq, (2.34). Equation (3.13) shows the average 
phase velocity ratio is the product of two slip factors, one due to local slip, 
$, and the other due to nonuniform phase distribution. 
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IV. 
EXPERIMENTAL APPARATUS 

A. Flow System 

The flow system employed is ^ - 7 / ; ^ - ^ : ^ m e r ^ c u ^ r a n d nUrV 
a natural-Circulation loop in ^^^^ ^ - - ^ - ^ ^ e :::Lture flows'through 
?he%rt ; : ! ; : : i X r s e p l ' ^ r T h f mtro^en exhausts to a vent, and the 
mercury returns by gravity flow to the mixing section. 

Fig. 1. Mercury-Nitrogen Flow System 

Stainless steel pipe. Schedule 40, was used throughout, and all 
threaded joints were sealed with a resin-base paint. 

1. Components 

a. Mercury-Nitrogen Mixer 

The mercury-nitrogen mixer (see Fig. 2) was constructed 
from a pipe tee. The nitrogen entered at the bottom, and the mercury 
entered at the side. Upon leaving the mixer, the two-phase s t ream passed 
through a 150-mesh screen which was intended to give a uniform gas d i s 
tribution and bubble size at the entrance to the test section. A similar 
mixer was used by Richardson.(^0) 

b. Test Section 

Two test sections were constructed: one for use with the 
electric probe and one for use with the impact probe. Each test section 
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r PIPE 
THREADED 3.125" 
Ii5° BEVEL 

t" PIPE 
THREADED 3.125" 
30' BEVEL 

Fig. 2. Mercury-Nitrogen Mixer 

c o m p r i s e d a 60 - in . l eng th of 1-in. p ipe , wi th 
p r o b e and s t a t i c p r e s s u r e t aps w e l d e d a t 90° to 
e a c h o t h e r . F i g u r e 3 shows the t e s t s e c t i o n 
u s e d wi th the e l e c t r i c p r o b e . The o the r t e s t 
s e c t i o n w a s s i m i l a r e x c e p t tha t the p r o b e t aps 
w e r e l o c a t e d 1.25 in. l o w e r , a t the s a m e l e v e l 
a s the s t a t i c p r e s s u r e t a p s . 

c. S e p a r a t o r 

The s e p a r a t o r w a s a 42-in. l eng th 
of 4 - i n . Luc i te tube . The ve loc i ty of the t w o -
p h a s e s t r e a m e n t e r i n g a t one end d e c r e a s e d , 
due to the i n c r e a s e in c r o s s - s e c t i o n a l a r e a , a l 
lowing the gas to e s c a p e to an ou t s ide v e n t w h i l e 
the m e r c u r y e n t e r e d the 1.5-in. d o w n c o m e r . 

d. M e r c u r y S to r age Tank 

The m e r c u r y w a s s t o r e d in a 
tank c o n s t r u c t e d f r o m a 1-ft length of 10- in . 
p ipe ( see F ig . 4) . 

0.125. ! » • £ 
MELDED TO SIDE 
OF SECTION 

TO AIR 
SUPPLY 

0.125 OIA. 
THREADED 
HOLES 

xxsIKsx: 

FILL 
PO 1 

I 
^ W W S W V W W i W T - s X ^ s 

NOTE: ALL DIMENSiOHS IN IHCHES 

Fig. 3. Test Section 

NOTE: ALL DIHEHSIONS IN INCHES 

Fig. 4. Mercury Storage Tank 



2, In s t rumen ta t ion and Control 

a. Orif ice M e t e r s 

The n i t rogen and m e r c u r y flow r a t e s w e r e n a e a s u r e d by 
m e a n s of or i f ice m e t e r s built accord ing to spec i f i ca t ions °f ^ ^ ^ ^ ^ j ; ^ 
Lapp le . ( l4 ) Cal ibra t ion curves over the a p p r o x i m a t e ^^y'^^'^l^^'f^ll 
range w e r e known with an uncer ta in ty of 0.5%. Or i f i ce ^ - m e t e r s w e r e 
0.0312 in. and 0.0625 in. for n i t rogen, and 0.2500 m . , O-̂ OOO im and 
1.0000 in. for m e r c u r y . In each c a s e , the u n c e r t a i n t y w a s ± 0 . 0 0 0 5 m . 

b. P r e s s u r e M e a s u r e m e n t s 

The s ta t ic p r e s s u r e was m e a s u r e d a t five po in t s a long the 
t e s t sec t ion by means of r egu la r s tand tubes . This a l l owed s t a t i c - p r e s s u r e 
m e a s u r e m e n t s with a max imum e r r o r of 0.1 in. Hg. The p r e s s u r e d i f f e r 
ent ia l a c r o s s the orif ice m e t e r s was m e a s u r e d wi th U - t u b e m a n o m e t e r s 
containing wa te r for n i t rogen flow, and containing e i t h e r m e r c u r y o r w a t e r 
for m e r c u r y flow. 

The m e r c u r y - s t o r a g e tank p r e s s u r e and the n i t r o g e n 
p r e s s u r e were regula ted and m e a s u r e d by the use of N o r g r e n r e g u l a t o r s 
and p r e s s u r e gages . 

c. T e m p e r a t u r e M e a s u r e m e n t s 

The t e m p e r a t u r e of the m e r c u r y and the n i t r o g e n w a s 
m e a s u r e d with i ron-cons tan tan t h e r m o c o u p l e s , wi th an u n c e r t a i n t y of 
+ 0.5°C. 

d. Flow Control 

The ni t rogen flow r a t e was c o n t r o l l e d by two n e e d l e v a l v e s 
in pa ra l l e l . The m e r c u r y flow r a t e was c o n t r o l l e d by a 1.5-in. ga t e va lve 
in the downcomer . 

3. P r o c e d u r e 

The flow s y s t e m was f i l led wi th m e r c u r y by opening v a l v e s 
V-1 and V-2 (see Fig. l ) and s lowly p r e s s u r i z i n g the s t o r a g e t ank to 
50 psig. To p reven t flooding of the m a n o m e t e r s u s e d to m e a s u r e s t a t i c 
p r e s s u r e , the b a c k p r e s s u r e on t he se i n s t r u m e n t s w a s r a i s e d s i m u l t a n e 
ously to 30 ps ig . The m e r c u r y was f o r c e d f r o m the s t o r a g e t ank t h r o u g h 
the center pipe and into the s y s t e m . The m e r c u r y l e v e l w a s c o n t r o l l e d 
and brought to the s a m e depth in the s y s t e m for e a c h e x p e r i m e n t by r e g u 
lating the p r e s s u r e on the s t o r a g e tank. Valve V-1 w a s then c l o s e d and 
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the tank p re s su re was released. (This arrangement also afforded a 
method of draining the system rapidly in the event of an emergency, such 
as a mercury leak.) After the system was filled with mercury and the 
s t a t i c -p ressure lines cleared of bubbles, the gas flow was started by set
ting the p re s su re regulators on the storage cylinders at 50 psig, opening 
valve V-4 or V-5 wide and V-3 a small amount. Valve V-3 was regulated 
until the nitrogen flow was about 0.25 cfm. The nitrogen was allowed to 
flow until the mercury temperature was constant. Initially, both the m e r 
cury and nitrogen were at room temperature . However, because of f r ic 
tion, the temperature of the mercury rose several degrees above room 
tempera ture . 

After the system had "warmed up," the nitrogen and the m e r 
cury flow was adjusted to the desired values with valves V-2 and V-3 and 
the following flow variables were recorded: static p ressure gradient, 
back p re s su re on the manometers , nitrogen and mercury tempera tures , 
nitrogen and imercury orifice manometer readings, and the barometr ic 
p re s su re . These variables were checked frequently, usually at 5-min 
intervals , during the course of each experiment (~1.5 hr). 

B. Electr ic Probe 

The purpose of this section is to describe a probe which can be 
used to measure point values of bubble frequency, bubble-size distr ibu
tion, and gas fraction in a two-phase system. The continuous phase must 
be an e lect r ical conductor. 

A review of the l i terature reveals only one technique for deter 
mining bubble frequency and bubble-size distributions.*(15) Photographs 
of the system are taken at regular intervals, and the bubbles in each 
photograph are counted and measured. Such a technique is obviously 
limited. 

A variety of methods have been used for determining the c r o s s -
sectional average gas fraction. These include the attenuation of gamma 
rays and beta rays;(38,39,l 9) radioactive t racers;(9) photography;! 1 5) 
and valves which close simultaneously to isolate the test section con
tents.(22) The most popular method is the gamma-ray technique, wherein 
gamma rays from a radioactive source are passed through the s t ream. 
The strength of the attenuated beam is a function of the s t ream density 
and, hence, is related to the gas fraction. 

Hooker and Popper(i9) have studied the gamma-attenuation method 
at some length and have made a detailed uncertainty analysis. In one 
ser ies of tes ts , gamma rays from a Tm'^" source were beamed through 
and attenuated by s team-water mixtures contained in a 2.5-in., rectangular 

*A number of devices have been used for counting single 
bubbles.(4,13,37) 
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test section. The emergent adiat ion was detected b a ĝ ein̂ ^̂ ^̂ ^̂ ^̂  

crystal-photomultiplier tube - - - ^ ^ [ ^ ' ^ J . ^ : e a s e s ' , ranging from ±2.9% 
uncertainty increases as the gas iracuiu nf o 10 Similar 
for a gas f'raction of 1.0, to ±7.5% ; ° ; ; ^ f ; , ; ^ , Y a ^ ^ ; r s e a t t r i bu t i ons 
tests were made with three idealized preJerenii P technique was 
Simulated in Lucite. It was concluded '^at the . a - - ^ - y ĉh q ^^^^ 
unsatisfactory for nonhomogeneous flow. Cook(t>i and Egenl 
e r ro rs as large as 93% in annular flow. 

The gamma-ray technique was improved by ^^'^'^^-^''Ijl^Z^^ 
a traversing method in which the source and detector were - ° - < i - ; ° -
the channel'to get a gas-fraction profile^ The " " - - - ^ ^ ^ - ^ ^ ^ ^ ^ Y b e - ' 
fraction was obtained by integration of this profile. The ^ i " ^ / ^ ^ ' ^ " ° ' ; 
tween the gas fractions measured by gamma attenuation and the known gas 
fraction for simulated preferential gas distributions was 7.3% f°r t^e 
traversing technique, whereas that of the "one shot" method was 36.57o. 
However, for homogeneous gas distributions the e r r o r s were s imilar , 
being about 1.5%. 

The gamma-ray method is reasonably accurate for determining 
cross-sectional average gas fractions when the gas is uniformly d i s 
tributed, the test section offers a radiation path greater than 1 in. of 
water, and the gas fraction is greater than about 0.25. These conditions 
are not met frequently. 

The beta-ray attenuation method has the advantage of higher sen
sitivity, since the beta rays are absorbed more readily than are gamma 
rays and, hence, can be used with accuracy at very low gas fractions. On 
the other hand, because of their low energy, beta rays can penetrate only 
short distances, and a limit is placed upon the size of channel used. 

An analysis of the beta-ray technique "was made by Perkins. \3oj 
In this work, beta rays from a Y ' " source were beamed through a 0.19-in.-
thick annular space containing a boiling liquid. Various organic liquids as 
well as water were used in the subcooled and the saturated boiling state. 
The error analysis showed that for homogeneous gas distributions an ac 
curacy of 0.5% can be obtained, whereas for local boiling of water an 
uncertainty of 0.001 in. may be expected in the vapor thickness. Due to 
an unknown preferential phase distribution, the be ta- ray method is sub
ject to the same er rors as the gamma-ray method. 

The tracer technique employs a radioactive salt dissolved in the 
liquid phase. The assumption is made that the salt does not appear in the 
gas phase and, hence, the count is proportional to the liquid fraction. This 
technique is subject to the same e r r o r s as the gamma-ray method, p a r 
ticularly those due to preferential phase distribution. Fur ther , the t r ace r 
salts adhere to the walls of the apparatus so that the resulting background 
noise must be considered when the signal is analyzed. 
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Dengler , ! ' ' using Mn^^Cl2 at a concentration of 40 mc/ l i t e r in a 
1-in. vert ical tube, calculated the maximum e r ro r in his experiments to 
be 16%, with the majority of data within 10%. 

The use of photographs to determine bubble volumes and, subse
quently, gas fractions is limited to simple systems of few bubbles and to 
t ransparent , rectangular channels. 

All of the foregoing techniques detect space-averaged ra ther than 
local values of the gas fraction and give no information on individual 
bubble frequencies and size distributions. In general, the phases are not 
distributed uniforimly in the pipe cross section. In vert ical flow, the gas 
tends to concentrate near the pipe axis due to the unbalanced drag force on 
an individual bubble in the presence of the wall. Because of the higher 
concentration of gas at the center of the pipe, the bubbles tend to be la rger 
there than near the wall. 

It is clear that for further progress in understanding the two-phase 
flow mechanism, local values of the flow variables must be measured. 

I. Definition of Variables 

Bubble frequency and bubble-size distribution at a point a re , 
respectively, the number of bubbles that pass the point per unit t ime, and 
the frequency with which bubbles of various diameters pass the point. Thus, 
the bubble frequency is 

f = N / T 

where f is the frequency in bubbles/second, and N is the total number of 
bubbles that pass the probe in time T. 

The bubble-size distribution is expressed in te rms of a cumu
lative bubble distribution function: 

f 

B ( a = f b(C)dC . (4.1) 
''o 

The function B(C) is the probability that the diameter of an observed bubble 
will be less than C Thus, 

B(a) = P(C < a) . (4.2) 

The probability that a bubble diameter fall in an interval a < C < b is 

P(a < ? < b) = B(b) - B(a) . (4.3) 
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Further, the density function can be obtained by differentiating B ( 0 : 

ri ( 4 - 4 ) 

b ( a = - ^ B ( o . 

In slug flow, the gas slug-length and liquid -lug-l-^g*^ ''''-
tributions a r : also important quantities, and cumulative distribution func
tions are defined analogously to Eq. (4.1). For gas slugs, 

G(a = f g(a dc - ^̂ -̂ ^ 

and for liquid slugs, 

L(c) = r i ( c ) d c . (4-^) 
' ' 0 

Remarks about the significance of the bubble distribution function are also 
valid for these functions. The lower limits of the integrals in Eqs. (4.5) 
and (4.6) are different, since a gas slug is defined as a bubble for which 
i; s 1, whereas a liquid slug is defined as the liquid which separates two 
gas slugs and, hence, has no minimum size. In general , the liquid slug is 
not homogeneous, but contains many small (^ < l) gas bubbles. 

In general, the point, or local void fraction is defined for any 
two-phase flow field as the probability that gas will exist at the point 
under consideration. For flow with stationary t ime-averaged proper t ies 
(quasi-steady flow), this probability is the fraction of time that gas exists 
at the point. The sample interval must be large compared with the time 
scale of the flow oscillations, l/f, where f is the local bubble frequency. 
On the other hand, it must be small compared with any slow variat ions in 
the field of flow that are not to be associated with the instantaneous fluc
tuations. When the flow has stationary space-averaged proper t ies (homo
geneous flow field), the probability is the fraction of a spherical volume, 
surrounding the point, occupied by gas. When the flow is neither quasi -
steady nor homogeneous, averaging in either time or space coordinates 
IS inappropriate. An ensemble average at the point in time and space 
must be taken over a large number of experiments with the same initial 
and boundary conditions. For quasi-steady flow, the gas fraction is t he re 
fore expressed as 

Y / [1 - f(t)] dt , (4.7) 
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where a is the void fraction, and f(t) is a discontinuous function of time 
with a value of unity when liquid exists at the point, and zero when gas 
exists at the point. The time interval T must satisfy the conditions stated 
above. 

2. Method 

The electr ic probe consists of a 6-in. length of 0.033-in. steel 
wire with a I.25-in. steel sewing needle welded at 90° to the end (see 
Fig. 5). The steel wire is encased in a 3-in. length of 0.125-in. stainless 
steel tube. The needle is insulated electrically from the tube except for 
the point by a resin varnish. The probe is oriented with the needle point
ing into the flow. A 1.5-v battery and 10,000-ohm res is tor are connected 
in ser ies with the probe to ground. The conducting liquid is also grounded. 

NOTE: ALL DIMENSIONS IN INCHES 

Fig. 5. Electric Probe 

The principle of operation is the instantaneous measurement 
of local resist ivity in the two-phase mixture. When the needle tip is in 
contact with liquid, the circuit is closed; when it is in contact with gas, the 
circuit is open. Since the ser ies resistance is large compared to the 
probe resis tance (10,000:1), the voltage drop across the ser ies resis tance 
will form a square wave of i r regular frequency and constant amplitude of 
1.5 V (see Fig. 6). 

3.0 

i.s 

0 

-1.5 

J L J I L 

.6 1.0 1.2 I.M i .e 

TIME, sec 

Fig. 6. Photographic Record of Electric Probe Signal 
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Three impor tan t c h a r a c t e r i s t i c s of the p h a s e d i s t r i b u t i o n can 

be de te rmined from an ana lys i s of the s igna l : 

(1) the frequency wi th which the p h a s e c h a n g e s a t the p r o b e 
tip, which may be identified with the loca l bubble f r e q u e n c y ; 

(2) the dwell t ime of e a c h gas bubble . A s t a t i s t i c a l a n a l y s i s 
can be used to re la te this quanti ty to the bubble d i a m e t e r a s fo l lows If i t 
is a s sumed that the bubbles a r e s p h e r i c a l , tha t they a r e not de f l ec t ed by 
the probe , and that they a r e s m a l l c o m p a r e d wi th the p ipe d i a m e t e r , then 
the bubble motion is random, and the p r o b e h a s an equa l p r o b a b i l i t y of 
p ierc ing any segment of p ro jec ted a r e a . The a v e r a g e d i a m e t e r p i e r c e d is 
that d iamete r which divides the p r o j e c t e d bubble a r e a in to two p a r t s , the 
probabil i ty of p ierc ing each p a r t being equa l . Since the p r o b a b i l i t y of 
pierc ing any inc remen t of a r e a is p r o p o r t i o n a l to the s i z e of the i n c r e 
ment , the projected a r e a of the bubble m u s t be d iv ided into a c i r c l e and 
an annular ring of equal a r e a . 

TteVr = 4//iD*3 = 1/2 ; 

e/Dg = 7172 . (4-8) 

where e is the d iamete r of the c i r c u l a r a r e a and, f r o m s y m m e t r y , a l s o 
the average bubble d iamete r p i e r c e d . It is r e l a t e d to the dwel l t i m e S g 
by the bubble velocity Ug: 

e= S B U B . (4.9) 

Hence, it follows that 

D B = V2" G B U B . (4.10) 

For very la rge bubbles ( s lugs ) , the m e a s u r e d l eng th i s 
coincident with the t rue length of the s lug: 

D B = S B U B . (4.11) 

Between these l imi t ing condi t ions (ve ry s m a l l and v e r y 
l a rge bubbles), there a r e many " m e d i u m s i ze b u b b l e s , " and for t h e s e 

D B = C , e B U B , ( 4 J 2 ) 

where Ci = C I ( D B , S ) is a cons tant dependent upon the bubble d i a m e t e r and 
upon the r a | i a j posit ion of the p r o b e . F o r e x a m p l e , a t the pipe c e n t e r 

, , ^ '"^ ~}' ^® bubble s ize v a r i e s f r o m v e r y s m a l l to v e r y l a r g e 
w h e r e a s at the wall S = 0) 00 =-r =-1 ==, K KKI • • f \f 
,.. , ^ ";, M _ i.̂ ^ =; J _ as bubble s i z e v a r i e s f r o m s m a l l 
to ia.r 2e. 
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The problem is very complicated, and an approximation 
must be made. The dependence upon the radial position of the probe is 
ignored, and it is assumed that limiting values of ^/2~are to be taken for 
bubbles of zero diameter , and of 1 for slugs. Fur ther , it is assumed that 
the dependence of Cj upon bubble diameter is l inear. The effect of these 
approximations will be to increase the apparent frequency of small bubbles 
near the wall. However, this is not a serious limitation in this study, 
since the regime of flow is principally slug flow. 

(3) the fraction of time that the circuit is open, 
identified with the local gas fraction. 

This may be 

3. Signal Analysis 

An attempt was made to measure bubble frequency by means 
of a flip-flop circuit. The circuit counts the number of times the voltage 
drops to zero, using a "Shasta" Model 100 digital scaler . The response of 
the circuit was adequate to count a 100-cps square-wave voltage correct ly, 
but the bubble counts were considerably lower than those from the photo
graphic record, as detailed below. Bubble frequencies were therefore 
obtained by the latter method. 

The time for each gas bubble to pass the probe. was de
termined by measuring the lengths from a photographic record of the 
signal. A "Visicorder" Model 906 was used to record the signal. This is 
a high-speed recorder capable of recording signal frequencies up to 
2000 cps. The record is made visible by exposure to fluorescent light. 

The fraction of time the circuit was closed was determined by 
electronically integrating the signal for a time T. The integrating circuit 

is shown schematically in Fig. 7. 
This is a standard circuit for 
which the following relationship 
holds: 

rT 

^"^ "RC 

Fig. 7. Integrating Circuit 

=(t) dt (4.13) 

Division by - E T / R C gives 

^ C 1 f^ ^('^) Ht n 

•Jo 

-a) . 

(4.14 

The quantity e(t)/E possesses the propert ies of the function f(t) as defined 
by Eq. (4.7). 
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The integrating circuit had two principal components: an am-
The integraLiug ^j..^^^^.. i » . 

plifier with power supply, and a recorder . The amplifier was a Philbrick 
Lodel UPA-2 with an output voltage range of ±115 v and a g a - of 1 0 The 
power supply was a Philbrick Model RIOOB compound regulated, dual 
Tu^pTy wTth rated output at ±300 v. A Bristol Model 1PH560 str ip r e 
corder with 100-mv range was used to record the output - f -^- ^he c r 
cult time constant, RC = 2 sec, allowed integration for as long as 150 sec. 

4. Procedure 

The probe was held in position by a "Swedglock" tube fitting 
modified by replacing the first farrow with a 0.125-in, "O" ring and r e 
versing the second farrow. This allowed the probe to be moved in or out 
and still be leak proof. The axial orientation of the needle was effected by 
aligning a dial pointer attached to the probe at 180° to the needle with an 
etched vertical line centered on the test section. The la tera l position of 
the probe was determined by measuring the distance between the test s e c 
tion and the vertical pointer. 

A photographic record of the probe signal was obtained by feed
ing the signal to one channel of the photographic recorder . The recorder 
was started and allowed to run for 120 sec. This corresponded to a 50-ft 
trace of the signal. 

Before the gas flow was started, when the system was full of 
mercury, the steady probe signal was integrated for a time T = 150 sec. 
From Eq. (4.13) this output signal is simply E T / R C and is the quantity by 
which all succeeding output signals are divided to get the liquid fraction. 
Eq. (4.14). This technique does not require an exact value of the in tegra
tion constant RC. However, it does require that each succeeding in tegra
tion be made over the same interval. T = 150 sec, and that the quantity 
E T / R C be constant for the experiment. The standardization integration 
was performed again at the end of the experiment to ensure that the lat ter 
prevailed. 

The complete gas-fraction profile was obtained by integrating 
the probe signal at each of eight radial positions and calculating a from 
Eq. (4.14) with the constant E T / R C . 

5. Discussion 

Since this is the first method capable of measuring point values 
of gas fraction, there are no previous data with which to compare the r e 
sults. However, it is possible to check the cross-sec t ional average value, 
obtained by integrating the profile, with the average obtained by some 
other method. One such method employs the measured s t a t i c -p ressu re 
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pro f i l e a long the p ipe . F r o m a c o n s i d e r a t i o n of the m o m e n t u m equa t ion , 
one f inds tha t c h a n g e s in the k i n e t i c e n e r g y of the s t r e a m c o n t r i b u t e l e s s 
than 0.5% to the t o t a l s t a t i c - p r e s s u r e l o s s and m a y be neg l ec t ed . S i m i 
l a r l y , the f r i c t i o n a l l o s s is e s t i m a t e d by the m e t h o d of L o c k h a r t and 
M a r t i n e l l i ( 3 0 ) to be l e s s than 2% of the to ta l s t a t i c - p r e s s u r e l o s s and, 
h e n c e , m a y be n e g l e c t e d . 

The loca l p r e s s u r e g r a d i e n t is t h e r e f o r e v e r y n e a r l y equa l to 
the m e a n dens i t y a t tha t a x i a l pos i t i on : 

- d P / d z = p 

w h e r e the m i x t u r e dens i t y is defined by 

P = ( 1 - a ) Pj^ + ap^ 

(4.15) 

(4.16) 

If it be no ted tha t P G / P L " l / 4 0 0 0 , a p ^ m a y be neg l ec t ed , and a r e l a t i o n 
be tween the p r e s s u r e g r a d i e n t and the c r o s s - s e c t i o n a l a v e r a g e gas f r a c 
t ion is ob ta ined ; 

- d P / d z (1 - a ) PT (4.17) 

Va lues of a. m a y be c a l c u l a t e d f rom the m e a s u r e d p r e s s u r e 
g r a d i e n t a long the t e s t s ec t i on . F i g u r e 8 shows the c o m p a r i s o n of a d e 

t e r m i n e d in th is m a n n e r wi th v a l u e s 
obta ined by i n t e g r a t i n g the a p r o f i l e s . 
The a g r e e m e n t is e x c e l l e n t , the m a x i 
m u m dev ia t ion being 0.06. 

The s o u r c e s of e r r o r i n 
h e r e n t in the m e t h o d w e r e a n a l y z e d to 
d e t e r m i n e the u n c e r t a i n t y l i m i t s . The 
e l e c t r o n i c s c i r c u i t s w e r e e x a m i n e d by 
r e p l a c i n g the p r o b e s igna l wi th a 
s t a n d a r d h a l f - s q u a r e wave s igna l f r o m 
a function g e n e r a t o r . The i n t e g r a t i o n 
c i r c u i t was capab le of i n t e g r a t i n g s i g 
na l s of 1200 cps wi th a m a x i m u m e r r o r 
no g r e a t e r than the e r r o r of r ead ing 
the r e c o r d e d s igna l f rom the s t r i p 
c h a r t , i . e . , the output s igna l was a c 
c u r a t e to ±0 .2 V. Since two r e a d i n g s 
of the c h a r t w e r e r e q u i r e d for e a c h 

va lue of the gas f r a c t i on d e t e r m i n e d and the full c h a r t r a n g e was used , the 
u n c e r t a i n t y in the gas f r a c t i on va lue was l e s s than +0 .004 . 

a FROM PROFILE 

Fig. 8. Average Gas Fraction from Integration 
of Profile and from Measured Pressure 
Gradient 
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The response of the photographic recorder was fast enough to 
record the dwell time of every bubble which the probe pierced. The diam
eter of the probe tip was about 0.02 in., and bubbles in this range of size 
are probably deflected. However, because of the limit of chart speed, 
bubbles of S B = 0.003 sec or smaller appeared in the record as square 
waves of width ^ in. or less. The method of measuring these widths was 
not accurate enough to differentiate between bubbles of this s ize, and they 
were all given a 9^ = 0.003. The wave width for l a rger bubbles was 
measured to the nearest ^ in., and the individual dwell t imes were accu
rate to 9-Q ± 0.003 sec. 

The digital scaler e r ror was 1% for the range of frequencies 
from 1 to 100 cps. The range of values was from 1 to 20 cps. 

The radial position of the probe could be measured to the 
nearest ^ in. or about 3% of the test section diameter . 

The method is applicable to any gas-liquid or liquid-liquid 
system in which the continuous phase is an electr ical conductor. It is 
particularly advantageous for systems in which the continuous phase is 
a liquid metal, because of: (l) high conductivity and low capacitance; 
(2) high surface energy resulting in non-wetting of the probe, so a fast 
break in the circuit is obtained; and (3) high density which allows the 
liquid metal to remain continuous at high rates of gas flow. 

In the early stages of development, mercu ry -a i r mixtures 
were used. Mercury is not oxidized appreciably by oxygen at room tem
perature; however, there were enough trace impurities that a fine metal 
oxide powder was produced. These small part icles were at t racted by the 
electrically positive needle tip and increased the probe res is tance so that 
the measurements were not reproducible. This led to the use of nitrogen 
instead of air and to the installation of a chamois skin filter for filtering 
the mercury after each day of experimentation. As it turned out. the 
nitrogen eliminated oxide formation and the filter was seldom used. 

C. Impact Probe 

In this section is described a probe which can be used to measure 
point values of the liquid velocity in a dispersed two-phase s t ream when 
the gas fraction distribution is known. 

Krasiakova(24) used a pitot tube to measure stagnation p r e s s u r e s 
in stratified and annular horizontal flow, with the static p r e s su re measured 
at the wall. These results gave the liquid and the gas velocity distributions 
as well as the thickness of liquid film. However, no attempts were made 
to measure velocities in dispersed flow 
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Armand'^ ' used a knife edge to cut the exit two-phase s t ream from 
a pipe into two par t s . The amount of gas and liquid flowing on each side 
of the blade was measured. The mass flow distribution of each phase was 
calculated by differentiating the resul ts as the knife was moved across the 
channel. In other experiments, the exit s tream was cut into an annular 
ring and a circle by tubes of different diameters . The radial distribution 
of each phase was calculated by differentiating the results as the differ
ences in the tube diameters were varied. The first of these methods was 
used by Griffith and Wallisvi"/ in studies of a two-phase boiling analogy. 

These methods are adequate for application to exit s t r eams . How
ever, they are inconvenient to use and the results are subject to e r r o r s of 
graphical differentiation. It would be convenient to have a method of de
termining local values of velocity at any point in the test section. Such a 
technique is described below. 

I. Method 

The impact probe (see Fig. 9) consisted of a 3-in. length of 
0.125-in. stainless steel tube with one end plugged and the other end 

equipped with a tube adapter. At 77 in. from 
the plugged end, a r r - in . hole was drilled in 
the tube wall. The probe was held in posi
tion, with the small hole pointing into the 
flow, by a traversing mechanism similar to 
the one used for the electric probe. 

j.'jssswss 
A^ 0.093 

0.0»6.f-^ 
D. 125 S.S. nilE 

The probe is designed to meas -
Fig. 9. Impact Probe ^j-g the t ime-averaged impulse pressure 

resulting as the stream is diverted around 
it. Consider a steady s tream of a single fluid as it flows around the probe. 
Newton's second law can be used to relate the impulse pressure upon the 
probe to the local s t ream velocity, with the result 

Pi = p ( u y g j ( l -COS0) . (4.18) 

where 9 is the angle between the axis of the pipe and the direction of the 
fluid directly after contact with the probe. This angle is assumed to be 
90° and small deviations from this will be taken into account by the probe 
calibration. 

In a steady two-phase system, as slugs of gas and liquid al
ternately pass the probe, the impulse pressure fluctuates between the 
limits PG(UG/gc) f°r gas and PL(ulygc) fo^ liquid. The value for gas is 
very small compared to that for the liquid and may be taken as zero. This 
is particularly true for the case of mercury-nitrogen flow in which 

( P G U G ) / ( P L U 1 ) - 1/400 . 



Using this app rox ima t ion , the i n s t a n t a n e o u s i m p u l s e pr 

su re acting upon the p r o b e can be w r i t t e n 

p(t) = PL(uiyg)f(t) (4.19) 

w h e r e f(t) i s a d i s c o n t i n u o u s f u n c t i o n of t i m e . T h e f u n c t i o n 

t a k e s t h e v a l u e u n i t y w h e n l i q u i d e x i s t s a t t h e p r o b e , a n d 

z e r o w h e n g a s e x i s t s a t t h e p r o b e . 

A s t a t i c - p r e s s u r e m e a s u r e m e n t w a s t a k e n a t 

t h e p i p e w a l l a n d t h e t w o s i g n a l s f e d t o a d i f f e r e n t i a l m a 

n o m e t e r s y s t e m ( s e e F i g . 1 0 ) . T h e p r e s s u r e s i g n a l s w e r e 

f ed t h r o u g h 0 . 1 2 5 - i n . , c l e a r p l a s t i c p r e s s u r e t u b i n g t o t h e 

b o t t o m of t w o b a f f l e - f i l l e d c a p a c i t a n c e t a n k s . T h e s e t a n k s 

w e r e c o n s t r u c t e d of 1 2 - i n . l e n g t h s of 3 - i n . , S c h e d u l e 8 0 , 

s t a i n l e s s s t e e l p i p e , w i t h e a c h e n d c a p p e d . T h e c a p p e d 

e n d s w e r e e q u i p p e d w i t h t u b e a d a p t e r s , a n d t h e t a n k s i n 

t e r c o n n e c t e d w i t h a t u b e l i n e a n d v a l v e . E a c h t a n k w a s 

f i l l e d a b o u t o n e - t h i r d w i t h m e r c u r y a n d t h e r e m a i n d e r w i t h 

w a t e r . A M e r r i a m M o d e l A282 m a n o m e t e r w a s m o u n t e d a b o v e t h e c a p a c 

i t a n c e t a n k s to m e a s u r e d i f f e r e n c e s i n f l u i d h e i g h t . A c o n s t a n t b a c k p r e s 

s u r e a t t h e t o p of t h e m a n o m e t e r m a i n t a i n e d t h e m a n o m e t e r f l u i d a t a 

c o n v e n i e n t l e v e l . T h e s y s t e m s e r v e s t h r e e p u r p o s e s : 

( l ) The w a t e r - o v e r - m e r c u r y a r r a n g e m e n t s e r v e s a s a m e 
c h a n i c a l a m p l i f i e r . T h e v o l u m e of w a t e r i n e a c h l e g of t h e s y s t e m i s m a d e 
e q u a l a n d m a i n t a i n e d c o n s t a n t , s o a m a n o m e t e r a n a l y s i s c a n b e u s e d t o 
r e l a t e t h e d i f f e r e n t i a l m a n o m e t e r r e a d i n g t o t h e p r e s s u r e i t r e p r e s e n t s . 
Do ing t h i s g i v e s 

Fig. 10 

Scfiematic of Dif
ferential Press ure-
Measuring System 

A P = A h [ ( d 2 / d i ) M P m - P w ) + P w ] (4 .20) 

where Ah is the differential m a n o m e t e r r ead ing ; dj is the ins ide d i a m e t e r 
(2.90 in.) of the capaci tance tank; and dj is the ins ide d i a m e t e r (0.25 in.) 
of the manomete r tube. The b racke ted t e r m is the effect ive m a n o m e t e r 
fluid density pp-. For this sys t em at 23°C. Pp- = 68.2 Ib/ft^. 

(2) The baffle tanks and the f low-l ine r e s i s t a n c e d a m p the 
flow osci l la t ions so a t ime- smoo thed m a n o m e t e r r e a d i n g is ob ta ined , A 
re la t ion between this reading and the loca l l iquid ve loc i ty r e s u l t s when 
Eq. (4.19) is t ime smoothed: 

A P PL(Uiyg)f( t ) . (4.21) 

By assuming the turbulent velocity f luctuat ions of the l iquid a r e s m a l l c o m -
pa redwi th the liquid velocity per se , U L is a cons tan t and Eq. (4.21) b e c o m e s 

A P PL(U]yg) f(t) 
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AP = PL(u lyg) ( l -' (4.22) 

f(t) = ( 1 - a ) 

by Eq. (4.7). 

Equation (4.22) can be solved for U L to give 

U L = Cp {(gPpAh)/[pL(l -a)]} ' /2 _ (4.23) 

where an empirical calibration constant. Cp, and AP = pp Ah have been 
introduced. 

(3) The constant p ressure at the top of the manometer auto
matically keeps gas from entering the probe. If the manometer is at 
equilibrium so that it does not drift up or down over a long period of time, 
then as gas passes the probe the impulse pressure drops to zero. The 
constant back pressure in the manometer, being larger than the p ressure 
on the probe, forces the mercury to flow from the probe. When mercury 
passes the probe again, the probe pressure is greater than the back p r e s 
sure and mercury flows into the probe. The flow is small in both cases 

because of the large line resistance 
and the small p ressure difference 
(1 or 2 in. Hg). 

Table I 

CALIBRATION OF IMPACT PROBE 

^or i f i ce , 
f t / s e c 

1.42 
1.48 
1.56 
1.68 
1.78 
1.89 
1.94 
2.02 
2.10 
2.19 
2.22 
2.33 
2.42 
2.43 
2.92 

Uprobe, 
f t / sec 

1.44 
1.48 
1.59 
1.71 
1.78 
2.01 
1.98 
2.02 
2.15 
2.21 
2.25 
2.42 
2.56 
2.60 
3.02 

Averag 

^or i f ice ^ 

Uprobe 

0.986 
1.000 
0.980 
0.983 
1.000 
0.940 
0.980 
1.000 
0.976 
0.990 
0.988 
0.963 
0.945 
0.935 
0.966 

e Cp: 0.974 

2. Calibration 

The impact probe was cal i 
brated by integrating the velocity pro -
files to get an average liquid velocity 
and comparing this with the average 
velocity determined from knowledge 
of the total mass flow rate and the 
average gas fraction. Table I shows 
these velocities with values of the cali
bration constant, UQj.jfi(-e/Up]-Qi3g The 
average value is 0.974 and the mean 
e r ro r is 3%. 

3. Procedure 

The back pressure at the 
top of the manometers was increased 



to a value slightly greater than the static p re s su re in the test section. 
Then the pressure lines connecting the probe and static tap and manom
eter system were opened, and mercury was forced slowly from the probe 
into the test section. In this way, the manometers approached a stable 
reading from above, and gas was prevented from entering the probe. When 
the manometer reached a steady difference, the value was recorded and 
the probe was moved to a new radial position. This procedure was con
tinued until the complete profile was obtained. The probe was always 
started at the center. S = 1. and moved closer to the wall with each suc
ceeding measurement. In this way, the p ressu re differential was usually 
decreasing and it was never necessary for mercury to be drawn into the 
manometer lines from the test section. The resis tance lines and the 
capacitance of the system were very large and, hence, the response of the 
system was very slow. For this reason, about 5 min were required be
tween measurements for the system to reach a stable reading. 

4. Discussion 

In developing the probe, the principal problem was to prevent 
gas from entering the probe. Initially, a pitot tube was used, and the p r e s 
sure signal was measured by means of a Statham Model PM80TC p res su re 
transducer. This is a zero volume-displacement instrument; once it is 
filled, it is unnecessary for additional liquid to be drawn from the system. 
It was thought that by having a constant-volume measuring system there 
would be no opportunity for gas to enter the lines. However, as gas passed 
the pitot tube, mercury drained from the vertical section of the pitot tube, 
leaving it filled with nitrogen. For this reason, the impact probe described 
above was adopted. 

The impact probe gave inconsistent resul t s . Apparently, after 
a few minutes of operation, the mercury would drain from the horizontal 
probe, leaving it full of nitrogen. The transducer was replaced by the 
manometer system described above. This worked very well. 

The probe is applicable to any gas-liquid or liquid-liquid 
system in which one phase is much more dense than the other. For this 
reason, it worked very well for mercury-nitrogen flow, but would be less 
valuable for most liquid-liquid systems or for s team-water flow at higher 
pressures . 
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V. RESULTS AND DISCUSSIONS 

The inert ia l , viscous, gravitational, and surface forces , as well as 
the phase concentrations, determine which flow pattern will exist in two-
phase flow; hence, the Reynolds, Froude, and Weber numbers a r e . in gen
era l , important correlat ing factors . These numbers are defined as 

Inertial Force PVVgc ,_ , , 
Re = = 7 ; 15.1/ 

Viscous Force jUV/gj-L 

Inertial Force P^Vgc , . ,v 
Fr = : : = 7— ; (5.2) 

Gravitational Force pgL/g„ 

Inertial Force PVVgc /, ,% 
W e = = 7 , \^-j) 

Surface Force a/L 

where p is the density; fi the viscosity; a the surface tension; V the velocity; 
and L a charac ter i s t ic length. 

The experiments of this study were performed at room tempera ture , 
and buoyant and surface forces, which contain only fluid proper t ies , were 
constant. For this reason, the Froude and Weber numbers may be eliminated 
as correlat ing factors and the dependence upon inertial force concentrated in 
the Reynolds number. Two factors were used to character ize the resu l t s : a 
Reynolds number based upon the total mass flow rate and the liquid 
viscosity: 

Re = 4WX/7TD liL , (5-4) 

and the volumetric gas flow fraction p, defined as 

/3 = Q G / ( Q L + Q G ) • (5.5) 

The Reynolds number is much la rger than p, so a reduced Reynolds number, 
defined as 

Re* = Re X 10"* , (5-6) 

was used to simplify presentat ion of the data. 

The variables were corre la ted with the Re* and /3 in the form 

V = m Re* ' 'pP , (5.7) 

where V represen t s any flow var iable , and m, n, and p are constants . A 
l ea s t - squa re s computer p rogram was used to determine the values of m, n, 
and p which fit the data best . 



A. Gas F rac t ion and Liquid Veloci ty P r o f i l e s 

P ro f i l e s of the gas f rac t ion and the l iquid v e l o c i t y w e r e m e a s u r e d 
at t h r ee posi t ions along the length of the t e s t s e c t i o n , m e a s u r i n g f r o m the 
inlet at | = 5.7, 28.5, and 51.5 , whe re the d i m e n s i o n l e s s l eng th % i s g iven 

iddi t ional m e a s u r e m e n t of gas f r a c t i o n was 
those m e a s u r e m e n t s t aken at 6 = 5 . 7 e x -

z /Op. For many r u n s , an ad as z/ 
made at I = 1 7 . 1 . In e v e r y c a s e . , , ,, 
hibi ted en t rance effects as d e m o n s t r a t e d by the changing p r o f i l e s of both 
gas fract ion and liquid ve loc i ty . At § = 28.5 and 51 .5 , the flow was a l w a y s 
fully developed, as indica ted by s tab le p r o f i l e s , s t a t i c p r e s s u r e , and b u b b l e -
size s p e c t r a . The m e a s u r e m e n t s at 4 = 17.1 showed e n t r a n c e e f fec t s for 
s m a l l p, and the flow was fully developed for l a r g e p . 

The data for gas f rac t ion for al l e x p e r i m e n t s a r e p r e s e n t e d in 
Table A - 1 , page 62. F igure 11 shows typ ica l g a s - f r a c t i o n p r o f i l e s a t 
I = 5.7. F igure 12 shows gas f rac t ion p ro f i l e s at | = 5.7 for i n c r e a s i n g 
values of j3 f rom 0.13 to 0.52, and d e c r e a s i n g va lues of R e * . Th i s i l l u s 
t r a t e s the profi le development as the r e l a t i ve v o l u m e t r i c flow r a t e of gas 
is i n c r e a s e d . The phenomenon of a m a x i m u m gas f r ac t ion a t the wal l i s a 
r e su l t of the non-wet t ing c h a r a c t e r of m e r c u r y and, h e n c e , the p a r t i a l 
absence of a liquid film at the wal l . Slugs of gas and l iquid a l t e r n a t e l y 
en t e r the t e s t sec t ion . Because of the high su r f ace e n e r g y of m e r c u r y and 
the ins tabi l i ty of the u n d e r s u r f a c e of the m e r c u r y s lug , the gas t e n d s t o w a r d s 
the wal l , giving a m a x i m u m gas f rac t ion . This type of flow i s u n s t a b l e , a s 
evidenced by l a rge f luctuations (l to 5 in . Hg) of s t a t i c p r e s s u r e in the m i x e r , 
and a l a rge s l ip veloci ty r a t io (as high as 10). 
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Fig. 11. Typical Gas Fraction Profiles 
at f s 5.7 

Fig. 12. Developing Gas Fraction 
Profiles for Increasing 
Values of /3 
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Further up the tube, at | = 28.5, the flow becomes stable, and be 
cause of frictional forces at the wall, the gas fraction profile is inverted to 
become dome shaped, with a maximum at the center of the tube. A similar 
inversion of the gas-fraction profile was reported by Wright(42) for forced-
convection boiling at a point in the channel which coincided with a change 
from subcooled to saturated boiling. This change in shape was thought to 
coincide with a change in flow regime from bubble flow to slug and annular 
flow. As the flow advances up the column to | = 51.5, further change in 
the gas-fraction profile is indistinguishable. Figure 13 shows profiles at 
I = 28.5 and ^ = 51.5 for a typical experiment. The average gas fraction 
at ^ = 51.5 is la rger because of a decrease in static pressure and the con
sequent expansion of the nitrogen. Figure 14 shows profiles at § = 28.5 
for constant (3 and varying Re*. 

Fig. 13. Gas Fraction Profiles at 
i = 28.5 and ? = 51.5 for 
Varying p and Constant 
Re* = 2.6 

Fig. 14. Gas Fraction Profiles at 
1= 28.5 and | = 51.5 for 

Varying Re* and Con
stant 6 = 0.3 

The gas-fraction profiles measured at | = 17.1 were concave down
ward, usually as those in developed flow, but the s ta t ic -pressure fluctua
tions and slip velocity ratio were high enough to indicate only partial flow 
development. For this reason, these profiles were of less interest and 
only a few measurements were made. 

The data for liquid velocity are presented in Table A-2, page 66-
Figure 15 shows typical liquid-velocity profiles at ^ = 5.7 for increasing 
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The maximum liquid velocity occurs 
near the point of maximum gas f r ac 
tion but is displaced because of wall 
friction. 

The gas-velocity profile is 
expected to have approximately the 
same shape, with a maximum near 
the wall. The development of the 
liquid-velocity profiles paral lels 
that of the gas fraction. At | = 28.5, 
the profile becomes dome shaped, 
with a maximum at the tube center . 
No further change occurs as the flow 
moves to ^ = 51.5. Figure 16 shows 
profiles at ^ = 28.5 and 4 = 51.5 for 
a typical experiment. Figure 17 

shows profiles for flow of nearly constant j3 and varying Re*. 

Fig. 15 Liquid Velocity Profiles 
at 4 = 5.7 for Large Re* 
and Increasing ^ 

1 1 1 

^^o-

1° 

1 1 1 

1 1 I 
Re* 

ooo 13.8 _ 
_ _ — « ^ Z A 7 11.7 

-
C H 3 — 6.55 

1 1 1 

0 O.Z 0 .1 0.6 0.8 1.0 0.2 0.1 0.6 0.8 1.0 

Fig. 16. Liquid Velocity Profiles Fig. 17. Liquid Velocity P r o -
at I = 28.5 and | = 51.5 files for p = 0.3 and 
for Varying p and Con- Varying Re* 
slant Re* = 13.6 

The profiles, in fully developed flow of both gas fraction and liquid 
velocity, decrease rapidly near the wall; and, although it is doubtful that 
the gas fraction goes to zero (because of non-wetting), both profiles can 
be expressed conveniently as a power function of the radial position S: 

a* = S'/P 

and 

"L - l /n 
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The data from Tables A-1 and A-2 were plotted logarithmically, and 
values of n and p were found by determining the best straight line through 
the data points. The resul ts are presented in Table A-3, page 66. The mag
nitudes vary from 7 to 43, indicating very flat profiles, as would be expected 
for slug flow. In addition, values of the constant 

K = {0,pQ^)/Qnp 

and the contribution to the average slip velocity ratio 

X = (1 - a ) / ( K - a ) (5.8) 

were calculated and are presented. The average phase-velocity ratio de
termined from the mass flow rate of eachphase is also given for comparison. 

The importance of phase distribution is maximum when n and p take 
their respective minimum values (~7 and ~7) and K = 0.98. The maximum 
value of >̂  calculated was 1.02. Comparison of this value with the average 
phase-velocity ratio (>2) shows, for the system of mercury-ni t rogen in slug 
flow, that the phase distribution is relatively unimportant in determining the 
average phase-velocity ratio. For practical purposes, plug flow can be 
assumed: 

a* = U ^ = U^ = 1 , 

which corresponds to K = 1, and 

0 = Tl = U G / U L . 

The leas t - squares program was used to determine the dependence 
of the local phase-velocity ratio $(=''1), upon the flow variables Re* and P: 

$ = 0.74//3°-5(Re*)°-'' . (5.9) 

The e r r o r in this correlat ion is ±10%. 

When the profiles are very flat, as they are here , an e r ro r of 30% 
or 50% in the exponent is almost indistinguishable in the shape of the p r o 
file; and so it is difficult to determine the influence of the flow var iables . 
Re* and (3, upon the values of n and p. In general, the values of n and p 
have approximately the same magnitude and vary in the same direction; 
that is , when p increases , n increases . The least-square program was used 
to determine the variation of n and p with Re* and fi. These resul ts give 

n = 32.670/Re*)°- '2 ; (5.10) 

p = 27.43(|3/Re*)°-« . (5.11) 



The error in these equations is large. However, they give the general v a r 
iation of the exponents with the correlating factors. These equations show 
that the more gas present, the more uniform is the distribution of both the 
gas fraction and liquid velocity; and as the total mass flow ra te , which is 
essentially the mass flow rate of mercury, increases , the gas tends to be
come more concentrated at the tube center. 

The parameter C = a/^, from Armand's empir ical equation (2.37), 
was evaluated from the cross-sectional average gas fraction determined by 
integrating the profiles and the volumetric gas flow fraction. These resul ts 
are shown in Table A-4, page 67. The average value C = 0.472 and the 
deviations from the mean for each experiment are also shown. For mercury-
nitrogen flow, Armand's relation is not valid, since C depends upon the flow 
variables. The values of C were correlated with an equation of the form 

C = 0.47 fi''-88{Re*)°- î . (5.12) 

The error in this equation is less than 5%. 

B. Average Velocities 

Three important average velocities can be defined for two-phase 
flow; the cross-sectional average velocity of each phase, U L and U G , and 
the mixture velocity, which is the total volume flow rate divided by the 
cross-sectional area of the tube: 

'Mix (QG + Q L ) / A P . (5.13) 

The fact that the gas phase flows faster than the liquid phase can 
be expressed by three different slip velocities. These a re : 

the gas slip velocity 

"G = " G - ^Mix ; (5.14) 

the liquid slip velocity 

"L = U L - V^ i^ ; (5.15) 

and the relative slip velocity 

"R = " G - ^L . (5.16) 

The relative slip velocity is most frequently used. Also, many 
papers present slip data as the average phase-velocity rat io, T] = U p / U j . 
Values of r, are given in Table A-3. page 66. 
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Values of the three average velocities and the three slip velocit ies, 
defined above, a re given in Table A-5 , page 68. for all experiments and for 
fully developed flow. The l eas t - squares program was used to corre la te the 
slip velocity t e rms to the correlat ing factors p and Re*. The gas slip veloc
ity and the relative slip velocity were found to be independent of Re*, but 
inversely proportional to /3 as follows: 

UG = 0.87 (p)-"-'^ ; (5.17) 

UR = 1.52 (p)-"-^' . (5.18) 

The e r r o r in Eq. (5.13) was ± 16%, and in Eq. (5.14), ± 19%. The liquid slip 
velocity was given by: 

UL = 1.0 (/3)'-'^(Re*)°-*3 . (5.15) 

The e r r o r in this correlat ion was much greater (±30%) than in Eqs. (5.13) 
and (5.14). The la rger e r r o r resul ts from subtracting t e rms of comparable 
size and the propagation of their individual e r r o r s . 

C. Bubble Diameter and Slug Length Spectra 

Photographic records of the electr ical probe signal were taken at 
three positions along the length of the test section: ^ = 5.17, 28.5, and 
51.5; and at three radial positions: S = 1, 0.5. and 0.06. Graphical r e p r e 
sentations of the corresponding bubble-size distributions a re shown in 
Figs . 18, 19, and 20. From these resul t s , it may be concluded that the 
small bubbles are uniformly distributed in the tube cross section. This is 
undoubtedly due to the turbulence and mixing action of the two-phase flow. 

Fur ther observation shows that the probability is 0.8 to 0.9 for any 
bubble that t < 1 . Nevertheless , by comparison of the total area under the 
bubble distribution curve to the a rea under the curve for | < 1. it can be 
shown that the contribution of such bubbles to the gas fraction is less than 
10%. This is charac ter i s t ic of slug flow. Despite the greater number of 
small bubbles, most of the gas flow is car r ied by slugs. These resul ts are 
in agreement with photographic studies of a i r -water flow being car r ied out 
at Argonne National Laboratory. 

The cumulative gas slug length distribution for fully developed flow 
is shown in Figs . 21 and 22. The corresponding liquid slug distribution is 
shown in Fig. 23. Since the length of a slug is its center- l ine length, it is 
neces sa ry to take slug-length data only at S = 1. The distributions show 
that, frequently, the distance between gas slugs is small (<1 in.). Results 
of a i r -wa te r flow studies by Griffith and Wallis(^^) and by Moissis and 
Griffith(3°) indicate that when two slugs approach each other too closely 
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Fig. 23. Liquid Slug Length Distribution at | = 51.5 



(about 6 in. in a 1-in. tube), the trailing slug, influenced by the wake of the 
leading one, rises faster and eventually the two agglomerate. This process 
is the last stage of developing slug flow. To show that the mercury-ni t rogen 
flow of this study is stable and, hence, fully developed, distribution data at 
? - 28 5 and e = 51.5 are plotted in Fig. 24. The fact that the gas-slug-length 
distribution does not change in the upper half of the test section indicates 
that the flow is stable. 
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at I = 28.5 and | = 51.5 

The conflict can be resolved by an analysis of the basic flow s t ruc 
ture. When the liquid wets the tube wall, slug flow is character ized by 
large bubbles, called Taylor bubbles, almost filling the tube. The nose of 
the bubble is round and the fluid flows down around the bubble, forming a 



57 

continuous film at the wall. The wake is a low-pressure region which a t 
t r ac t s a trailing slug. When the liquid does not wet the tube wall, slug flow 
is character ized by alternating slugs of gas and liquid completely filling 
the tube c ross section. The nose of the gas slug tends to be flat; however, 
shear at the wall distorts it to a slightly domed shape. For tube diameter 
smal ler than some cri t ical value, determined by Taylor instability, '43) the 
gas slugs retain this shape, completely filling the tube, and there is no slip 
of the gas past the liquid. However, when the tube diameter is grea ter than 
the cri t ical value, the upper surface of the gas slug becomes unstable, and 
the liquid pours through the gas slug, resulting in slip. The cri t ical tube 
diameter is the smallest diameter in which a surface wave can be propa
gated. Lamb(26) shows this to be 

.g(PL-PG)j 

1/2 
(5.19) 

where O^ is the surface tension of the mercury-ni t rogen interface, about 
490 dynes/cm at 20°C. The value of d at this temperature is 0.23 in. In 
a 1-in. tube, there is no wake in the normal sense of a low-pressure region 
produced by flow around the bubble. Hence, a second slug may follow close 
behind. At equilibrium, the slugs may agglomerate, but they are produced 
at the same ra te . 
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Fig. 25. Time Average Slug Shapes 

Since mercury probably 
pours through the gas slug in an i r 
regular fashion, the individual slugs 
will be asymmetrical at any instant. 
However, one would expect the t ime-
averaged slug shape to be axisym-
metr ica l . This average slug size 
and shape can be determined by 
measuring the average slug length 
from the photographic record of the 
probe signal at S = 1, 0.5, and 0.06, 
and assuming the tail of the slug to 
be flat. Figure 25 shows typical slug 
shapes determined in this way. 

These results prompted a 
visual study of the flow. A 3-ft 
length of glass pipe (of 1-in. diam
eter) was erected vertically. A 
rubber stopper with a nitrogen in
jector was inserted at the bottom 
and a mercury t rap for entrained 
mercury was connected at the top. 



Slugs of n i t rogen w e r e forced in the bo t t om and p h o t o g r a p h e d a s they r o s e 

th rough s tagnant m e r c u r y . The l a r g e s t s lug wh ich cou ld be p r o d u c e d w a s 

8 in. long. 

The conclus ion of an a s y m m e t r i c s lug ( see above) w a s v e r i f i e d . 
The s lugs , up to about 4 in. long, m o v e d up one s ide w a l l , w i t h the m e r c u r y 
falling down the opposi te wa l l . As the s lug r o s e , it s lowly r o t a t e d m s i d e 
the tube. Typical n i t r o g e n - s l u g g e o m e t r i e s a r e shown in F i g . 26 . The 
s h o r t e r s lugs (1 in. and 4 in. long) a r e shaped s i m i l a r l y to o n e - h a l f of a 
Tay lor s lug. The bo t toms a r e a l m o s t f lat . The l o n g e r s l ugs (7 in. to 8 in. 
long) a r e s p i r a l shaped. The p robab l e exp lana t ion is tha t in r o t a t i n g the 
bot tom of the slug lags behind the top . 

D. Slug Veloc i t ies 

It was shown above that the l i q u i d - v e l o c i t y and the g a s - f r a c t i o n 
prof i les a r e v e r y flat, and the a s s u m p t i o n of s lug flow c a n be m a d e . By 
m e a n s of the a s sumpt ion of s i m i l a r p r o f i l e s for the l i q u i d - v e l o c i t y and 
g a s - v e l o c i t y prof i les (which was m a d e in modifying the v a r i a b l e - d e n s i t y 
mode l ) , the slug veloci ty , with r e s p e c t to l a b o r a t o r y c o o r d i n a t e s , i s the 
s a m e as the c r o s s - s e c t i o n a l a v e r a g e gas ve loc i t y . Gr i f f i th and W a l l i s d e 
fined a slug veloci ty , with r e s p e c t to the s y s t e m , a s the v e l o c i t y of the g a s 
slug with r e s p e c t to the liquid wel l ahead of it. In the no t a t i on def ined h e r e , 
th is is equiva lent to the gas s l ip ve loc i ty . In t h e i r p a p e r it w a s p r o p o s e d to 
c o r r e l a t e the slug ve loc i ty as 

Us/O.495 gDp = Cj , (5.20) 

w h e r e Cj is a p a r a m e t e r dependent upon the s lug Reyno lds n u m b e r 

Res = UgDp/UL 

and the s t r e a m Reynolds n u m b e r 

Re = V^^,^ D p / D L . 

At v e r y l a rge va lues of these q u a n t i t i e s , a s w a s e n c o u n t e r e d in th i s w o r k 
(Reg = 10.000 and Re = 9000 m i n i m u m ) , the p r e d i c t e d v a l u e s of C2 a r e 1.0 
or 1.1. However , when the da ta a r e p r e s e n t e d in th i s f o r m . C2 is of the 
o r d e r 1.8. A c o r r e l a t i o n of C2 wi th the flow v a r i a b l e s shows tha t C2 is i n 
dependent of Re* and is given by 

C2 = 1 .05 /p° -« . (5.21) 

The e r r o r in this equat ion is ±16%. 

Cons ider ing the d i f fe rences in the b a s i c flow s t r u c t u r e , it is not 
s u r p r i s i n g that the theo ry for a i r - w a t e r s lug flow d o e s not p r e d i c t the 
slug veloci ty in m e r c u r y - n i t r o g e n flow. 
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S-\H. S L U G t - I N . SLUG 1 - I N . S L U G 

Fig. 26. Nitrogen Slugs in Stagnant Mercury 



VI. CONCLUSIONS 

The g a s - f r a c t i o n and l i qu id -ve loc i t y p ro f i l e s in fully d e v e l o p e d flow 
can be e x p r e s s e d by p o w e r - l a w r e l a t i o n s h i p s . The exponen t s for t h e s e r e 
la t ionsh ips have about the s a m e magn i tude and v a r y wi th the flow p a r a m -
e t e r s in the s a m e d i r ec t i on . 

E n t r a n c e effects p e r s i s t for about 20 tube d i a m e t e r s . In m e r c u r y -
n i t r ogen flow, t h e s e a r e man i f e s t ed by a l a r g e g a s f r a c t i o n a t the w a l l , a s 
wel l as l a r g e f luctuat ions of s t a t i c p r e s s u r e and a l a r g e p h a s e - v e l o c i t y 
r a t i o . 

In m e r c u r y - n i t r o g e n slug flow, the p h a s e d i s t r i b u t i o n i s no t i m p o r 
tant in de t e rmin ing the a v e r a g e p h a s e - v e l o c i t y r a t i o (K = l ) , and a l l s l i p 
i s due to local s l ip . F u r t h e r , under the a s s u m p t i o n s m a d e in the mod i f i ed 
v a r i a b l e - d e n s i t y mode l , the loca l s l ip i s g iven by Eq. (5 .9) . 

The e m p i r i c a l r e s u l t of A r m a n d : ( l ) 

a//3 = C . 

i s not val id for this study, s ince C is a function of the flow v a r i a b l e s 
accord ing to Eq. (5.12). 

The gas s l ip veloci ty and the r e l a t i v e s l ip ve loc i t y a r e q u a n t i t i e s 
which can be c o r r e l a t e d r e a s o n a b l y a c c u r a t e l y . F o r v e r y l a r g e R e y n o l d s 
n u m b e r s , as in this study (Re > 9000), t h e s e quan t i t i e s a r e i n d e p e n d e n t of 
Ryenolds number , as shown in E q s . (5.17) and (5 .18) . The l iquid s l ip v e l o c 
ity, on the o ther hand, cannot be c o r r e l a t e d a c c u r a t e l y b e c a u s e i t i s s u c h a 
s m a l l quanti ty. 

The bubble d i a m e t e r and slug (both gas and l iquid) l eng th s p e c t r a 
can be r e p r e s e n t e d as a cumula t ive d i s t r i b u t i o n funct ion. T h e s e show tha t 
the l a rge p ropor t ion of bubbles have C < 1. but t ha t m o s t of the g a s flow is 
c a r r i e d by the s lugs . 

The bas i c flow s t r u c t u r e of m e r c u r y - n i t r o g e n flow i s d i f f e ren t f r o m 
a i r - w a t e r flow as a r e s u l t of the high s u r f a c e e n e r g y of m e r c u r y ; c o n s e 
quently, the t h e o r i e s de r ived f rom a i r - w a t e r flow cannot be u s e d to p r e d i c t 
flow v a r i a b l e s . 

The usua l Tay lor bubble does not a p p e a r . The gas s lug r i s e s up the 
wal l , with the liquid pouring down the oppos i t e w a l l . The s lugs r o t a t e a s they 
r i s e , and ve ry long gas s lugs a r e s p i r a l shaped . 

The Griffith and Wall is s l ug -ve loc i t y c o r r e l a t i o n does no t app ly . A 
new c o r r e l a t i o n , using the s a m e b a s i s fol lowed by Griff i th and W a l l i s , w a s 
success fu l ly m a d e . 
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APPENDIX A 

TABULATED DATA 
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Table A-1 

GAS FRACTION 

T, 

Run 

30 

Re* 

C-l 

2.64 

RunJ -1 

24 2.13 

Run W-1 

25 133 

Run 0-1 

23 1.33 

Run P-l 

28 182 

Run T- l 

28 3,46 

Run V-1 

28 0.519 

W|_, 
lb/sec 

1.82 

1.50 

0,935 

O.Ml 

1.28 

2.4 

0.636 

wcnoii, 
lb/sec 

4,06 

3,78 

3,04 

6.14 

5.84 

4.31 

8.03 

S 

0.03 
0.149 
0.267 
0.366 
0.595 
0.605 
0.743 
0.842 

0.980 

0.030 
0.149 
0.267 
0.366 
0.505 
0,743 
0,980 

0,03 
0,149 
0,267 

0,505 
0.743 
0.980 

0,030 
0,149 
0,267 
0.505 
0.743 
0.980 

0.030 
0.149 
0.267 

0.505 
0.743 
0.980 

0,030 
0,149 
0,267 
0.505 
0.743 

0.860 
0,980 

0,030 
0,149 
0.267 

0.505 
0.743 

0.980 

£ - 5 , 7 

0,124 
0 
0 
0 
0 
0 
0 
0 
0 

120 
140 
148 
163 
173 
181 
180 
191 

0,0209 

0,0167 
0.0140 
0.0200 
0.0335 
0.0488 
0,064 

0,097 
0,054 
0.097 

0.097 
0.153 
0.167 

0,049 
0,0417 
0,0417 
0,0695 
0,0834 
0,0890 

0,0486 
0,039 
0,0555 
0,0692 
0,0972 
0,111 

0.021 
0.021 
0.0278 
0.035 
0.039 

0.0431 
0.0445 

0,098 
0,074 

0,082 
0,121 
0,146 
0,166 

S 

0,047 

0,078 
0.203 

0.328 
0.453 
0.703 
0.953 

0,047 
0,078 
0,203 

0,328 
0,578 
0,703 
0,828 
0,922 

0,047 
0,078 
0,203 
0,328 
0,578 
0.828 
0.922 

0,047 

0,078 
0,203 
0,328 
0.578 
0,828 
0,922 

0.047 
0.078 
0.203 
0.328 
0.578 
0.828 
0.922 

0,047 
0,078 

0,328 
0,578 
0,828 
0.922 

Gas Fraction, a 

£ • 1 7 , 1 

0,094 

0.099 
0.135 
0.166 
0.173 
0,193 
0,183 

0,0695 
0,082 
0,131 
0,131 
0,134 

0,138 
0,139 
0,139 

0.151 
0.181 
0.264 
0,272 
0.295 
0,307 
0.320 

0.150 
0.193 
0.265 
0.278 
0,303 
0,312 
0,330 

0,092 
0,123 
0,156 
0,194 
0.203 
0,204 
0.207 

0.253 
0.283 
0,391 
0.411 
0,434 

0,442 

S 

0.062 
0.181 
0,320 
0,439 

0,578 
0,697 
0.836 
0.906 

0,955 

0,062 

0,181 
0,320 
0,578 
0,836 
0,906 

0,062 
0,181 
0,320 

0,578 
0,836 

0,906 
0,955 

0.062 
0.181 
0.320 
0.578 
0.836 
0.906 

0.062 
0.181 
0.320 
0.578 
0.836 
0.906 

0,062 
0.181 
0.320 
0.578 
0.836 
0,956 

0.062 
0.181 

0.320 
0.578 
0.836 

0.906 

£ • 28.5 

0.193 

0.252 
0.281 
0,295 
0.302 
0.306 
0,310 

0,300 
0,312 

0.144 

0.195 
0.223 
0.239 

0.243 
0,261 

0,157 
0,189 

0,182 
0,194 
0,223 
0,210 
0,230 

0.235 
0.303 

0.336 
0.386 
0.394 
0.404 

0,246 
0,278 
0,290 
0,343 
0,361 

0,360 

0.152 
0.181 
0.200 

0.236 
0.253 
0,264 

0.390 
0.395 

0.440 
0.469 
0.484 

0.485 

S 

0,062 
0,122 
0,241 
0,360 

0.479 
0.598 
0,717 
0,836 
0.955 

0.0625 
0,187 
0.312 
0.562 
0.812 
0,938 

0.062 
0.187 
0.312 

0,562 
0.812 
0,938 

0,062 
0.187 

0.312 
0.562 
0,687 

0.812 

0.937 

0.062 
0.187 

0.312 
0,562 
0.812 
0.938 

0.062 
0.187 
0.312 
0,562 
0,812 
0,937 

0,062 
0,187 

0,312 
0,562 

0.812 
0.938 

£ - 5 1 , 5 

0,300 

0,321 
0,354 
0.373 

0.367 
0.382 
0.379 
0.386 

0,395 

0,269 
0.322 
0.331 
0.354 
0.368 
0.354 

0.239 
0.306 
0,325 

0,308 
0.336 
0,333 

0,389 
0,430 
0,149 
0,492 
0.487 

0.497 

0.474 

0,353 
0,404 
0,445 
0,450 
0,465 
0,470 

0.221 
0.262 
0.299 
0.319 
0.336 

0.310 

0.526 
0.554 
0.564 
0.597 

0.591 
0.595 

£ 

5.7 
17,1 

28.5 
51.5 

£ 

5,7 
17,1 

28,5 

515 

£ 

5,7 
17,1 
28,5 
51,5 

£ 

5,7 
17,1 

28.5 
51.5 

£ 

5.7 
17.1 

28.5 
51,5 

£ 
5.7 

17.1 

28.5 
51,5 

£ 

5,7 
17.1 
28.5 

515 

P, 
psfa 

5295 
4595 

3955 
2750 

P, 
psfa 

5360 
4660 

3990 
2750 

P. 

psfa 

5750 
5010 
4370 
3110 

P, 

psfa 

4810 
4210 
3660 

2720 

P. 

psfa 

4990 
4350 
3810 
2840 

P, 
psfa 

5290 
4600 
3940 
2750 

P, 

psfa 

4360 
3800 
3340 
2460 

e 
0,536 
0.574 
0.609 

0.695 

H 

0.584 
0.617 
0.652 
0.722 

13 

0,769 
0,794 
0.815 

0.855 

^ 
0,695 
0,722 

0,748 
0,800 

13 
0.459 

0.494 
0,535 
0,622 

S 
0.880 
0,894 

0,905 
0,927 
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Table A-1 IContd,! 

T, 

°C 

Run 

28 

Run 

27 

Re-

B-1 

8.61 

R-1 

7,84 

RunU-1 

29 6.55 

Run A-2 

26 14.5 

Run B-2 

27 

Run 

27 

Run 

28 

Run 

28 

13.2 

C-2 

11.7 

D-2 

10.0 

F-2 

13.8 

W|_, 
lb/sec 

6.02 

5.46 

4.52 

10,15 

9.29 

8.16 

7,05 

9,67 

WGllOlf 
lb/sec 

5,64 

4,29 

2,88 

8,25 

5.77 

4.11 

2.71 

6.98 

S 

0.030 
0.149 
0.267 
0.366 

0.505 
0,605 

0,740 
0,840 
0,980 

0.030 
0.149 

0.267 

0.505 
0.740 

0,980 

0.030 
0.149 
0,267 

0,505 
0,740 

0,980 

0.0595 
0,208 
0,446 

0,683 
0,925 

0,0595 
0,208 
0.446 

0,683 
0,925 

0.0595 
0.208 
0.446 
0,683 

0,925 

0,060 

0.208 
0.446 
0.683 

0,925 

0,0595 
0,208 
0,446 
0,683 
0,925 

£ - 5 , 7 

0.191 

0.144 
0.124 
0.144 

0,102 

0,093 

0.090 
0.092 
0.083 

0.025 
0.014 

0.011 

0.0125 
0.011 

0.0098 

0.011 
0.011 
0.0125 
0.014 
0.014 

0.014 

0.112 
0.0874 
0.086O 
0.0794 

0.0815 

0,104 
0,0704 
0.0521 

0.0431 
0.0374 

0.0952 
0.0500 

0,0340 
0.0295 
O.0238 

0.0715 
0,0317 

0,0159 
0.0136 

0,0125 

0.094 
0.0645 

0,565 
0,0510 
0.0397 

S 

0.047 

0,078 

0.203 

0.328 
0,578 

0.828 
0.922 

0.047 
0.078 

0.203 
0.328 
0.578 
0.828 
0.922 

Gas Fraction,a 

£ - 1 7 . 1 

0.053 

0.077 

0.081 
0.081 

0.086 

0.088 
0.093 

0.047 

0.056 
0.059 

0.056 
0.056 
0.056 
0.056 

S 

0.062 

0.181 

0.320 
0.439 

0.578 
0.697 

0.836 
0.906 
0.955 

0.062 

0.181 
0.320 

0.578 
0.836 
0.906 

0.062 

0.181 
0.320 
0,578 
0.836 

0.906 

0.595 
0.268 

0.506 
0,745 
0,985 

0.0595 
0.268 

0.506 
0.745 
0.985 

0.0595 
0,268 
0.506 
0.745 
0.985 

0.0595 
0.268 
0.506 

0.745 
0.985 

0.595 
0.268 
0.506 

0.745 
0.985 

£ • 28.5 

0.107 

0.136 

0.172 

0.182 
0.190 

0.209 

0.214 
0.211 
0.213 

0.079 

0.084 
0.104 

0.122 

0.128 
0.131 

0,0875 
0,075 
0,076 
0,093 
0,90 
0,089 

0,0919 

0.161 
0.184 
0.203 
0.206 

0.0705 
0.1169 

0,138 
0,151 
0,152 

0,0374 

0,0816 
0.103 
0.114 
0.110 

0.042 

0,055 
0.059 
0.060 
0.059 

0.050 
0.127 
0.157 

0.163 
0.172 

S 

0.062 

0,122 

0,241 

0.360 
0.479 

0.598 
0.717 

0.836 
0,955 

0,062 

0.122 
0.241 

0.479 
0.717 

0.955 

0.062 
0.122 
0.241 
0,479 
0,717 

0,955 

0.038 
0.237 

0.356 
0.596 
0.833 
0,930 

0,038 
0,356 
0.596 
0.833 
0,930 

0,0595 
0,356 
0,596 
0,833 
0,930 

0.0595 

0.356 
0,596 
0,833 
0,930 

0,0595 
0,356 

0,596 
0,833 
0.930 

£ • 5 1 . 5 

0.186 

0.224 
0.247 

0.284 

0,290 
0,304 

0.311 

0.320 
0.320 

0,150 
0,203 

0.225 
0.256 

0.267 
0.267 

0.115 
0.152 
0.16 
0.187 
0.19 
0.19 

0.095 
0-240 
0,276 
0,310 
0,323 
0,329 

0,069 
0,211 
0,220 

0.228 
0.255 

0,091 
0,150 
0,159 

0,162 
0,163 

0,0635 
0,104 

0,116 
0,124 
0,127 

0,127 
0.220 

0.235 
0.254 

0.270 

£ 
5.7 

17.1 

28.5 
51,5 

J^ 
5.7 

17.1 
28,5 
51.5 

£ 

5.7 
171 
28.5 
51.5 

£ 
5,7 

17,1 

28,5 
51.5 

£ 
— 5.7 
17.1 

28.5 
51,5 

£ 

5,7 
17,1 

28,5 
51,5 

£ 
5,7 

17,1 

28,5 
51,5 

£ 
5,7 

17,1 
28,5 

51.5 

P, 
psfa 

6240 

5410 

4740 
3420 

P. 

psfa 

5850 
5100 
4370 
3010 

P, 
psfa 

5290 
4520 
3760 
2300 

P, 
psfa 

5710 
4990 
4300 
2970 

P, 
psfa 

5850 
5110 
4410 
3000 

P, 

psfa 

6000 
5510 
4470 

3040 

P, 

psfa 

6000 
5380 

4620 
3100 

P, 

psfa 

5800 

5060 
4350 
2990 

0 
0.268 

0.303 
0.332 
0.407 

_£_ 
0.252 
0,278 
0,310 
0395 

e 
0232 
0,262 
0,299 
0.354 

/3 

0,262 

0,319 
0397 

/8 

0211 

0,262 
0344 

e 
0,174 

0,220 
0,292 

0 
0,174 

0.167 

OZ30 

0 
0,240 

0.296 

0,380 
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Table A-1 (Contd.) 

T, 

°C 

Run 

31 

Run 

24 

Re-

M 

2.04 

A 

0.796 

Run H-1 

24 2.20 

Run I - l 

24 2,82 

Run K-1 

25 1,84 

Run 1-1 

26 1.25 

lb/sec 

1.40 

0,563 

1,55 

2,00 

1.295 

0.874 

WGI IOI^ , 

lb/sec 

2.01 

6.49 

2.89 

4.52 

3,81 

3.81 

S 

0.030 

0.149 

0.267 

0,366 

0,505 

0,605 

0.743 
0.842 

0.980 

0.030 

0.149 

0.267 

0.366 

0.505 

0,605 

0,743 

0,842 

0,980 

0.030 

0.149 

0.267 

0.366 

0,505 

0,605 

0,743 

0,842 

0,980 

0,030 

0.149 

0.267 

0.366 

0.505 

0.605 

0.743 

0,840 

0,980 

0,030 

0,149 

0,267 

0.505 

0.743 

0.980 

0.030 

0.149 

0.267 

0.505 

0.743 

0.980 

£ • 5 . 7 

0.072 

0.065 

0.061 

0.057 

0.053 

0.049 

0.045 

0,045 

0.044 

0.088 

0.057 

0.059 

0,065 

0,083 

0,093 

0,103 

0,117 

0,125 

0,025 

0,010 

0,010 

O.OII 

0.018 

0.018 

0.018 

0.020 

0.021 

0.072 

0.0416 

0.0541 

0.0653 

0.0764 

0.0834 

0.104 

0.104 

0.104 

0.0166 

0.0139 

0.0180 

0.0278 

O0347 

0.0431 

0.025 

0.0167 

0.0264 

0.0333 

0.0362 

O0473 

S 

0.0468 

0.172 

0.297 

0.422 

0.547 

0.672 

0,797 

0,922 

0,953 

0.047 

0.110 

0,235 

0,360 

0,485 

0,610 

0,735 

0.860 

0.985 

0,047 

0.078 

0.203 

0.328 

0.578 

0.828 

0.922 

0.047 

0.078 

0.203 

0.328 

0.453 

0578 

0.703 

0,828 

0,922 

0,953 

Gas Frac 

£ • 1 7 , 1 

0.209 

0.227 

0.242 

0.281 

0.263 

0.306 

0.338 

0.349 

0.345 

0.096 

0.098 

0.102 

0.123 

0.134 

0.138 

0138 

0.138 

0,142 

0.114 

0.125 

0.170 

0.179 

0.185 

0.201 

0192 

0.126 

0.150 

0183 

0.181 

0,187 

01765 

0.208 

0195 

0.216 

0224 

on, 

S 

O062 

0181 

O320 

0.439 

0578 

0.697 

0.836 

0.906 

0,955 

0,062 

0.181 

0.320 

0.439 

0.578 

0.697 

0.836 

O906 

0955 

0,062 

0,181 

0,320 

0.439 

0.578 

0.697 

0836 

0,906 

0,955 

0,062 

0,181 

0,320 

0,439 

0.578 

0.697 

0836 

0.906 

0,955 

0.062 

0.181 

0.320 

0.578 

0.697 

0.836 

0.906 

0955 

0,062 

0,181 

O320 

0.439 

0,578 

0.836 

0.906 

£ • 28,5 

O106 

0.113 

0114 

0122 

0124 

0118 

0.124 

0123 

0.123 

0.351 

0.386 

0.416 

0,416 

0,425 

0.443 

0,450 

0,451 

0,464 

0131 

0,149 

0,176 

0,182 

0184 

0,188 

0.182 

0.182 

0.185 

0.270 

0,317 

0,346 

0,361 

0,380 

0.388 

0.385 

0392 

0398 

0,152 

0219 

0234 

0259 

0,252 

0,248 

0.261 

0.275 

0.183 

0.224 

0.250 

0265 

0.285 

0.289 

0.293 

S 

0.062 

0.187 

0312 

0,437 

0,562 

0.687 

0,812 

0,938 

0.187 

0.312 

0.437 

0.562 

0.687 

0.812 

0.937 

0.938 

O062 

0,187 

0,312 

0,437 

0,562 

0.687 

0.812 

0.937 

0.938 

O062 

0.187 

0,312 

0,437 

0,562 

0.687 

0.812 

0937 

0938 

0.062 

0.187 

0.312 

0562 

0,687 

0812 

0.937 

0.938 

0,062 

0,187 

0,312 

0,562 

0,812 

0.938 

£ • 5 1 . 5 

0.159 

0.175 

0.184 

0.185 

0186 

O206 

0.205 

0222 

0256 

0.334 

0433 

0.439 

0.458 

0.446 

0.442 

0.456 

0.207 

0.237 

0259 

0258 

O270 

0278 

0.275 

0.298 

0,280 

0,332 

0,397 

0.422 

O430 

0439 

0459 

0.467 

0.465 

0,472 

O250 

0,320 

0,338 

0.377 

0.360 

0364 

0360 

0.373 

0,297 

0,320 

0.365 

0.379 

0371 

0.389 

£ 

5.7 
17.1 

28.5 

515 

£ 
5,7 

17.1 

28.5 

515 

£ 
5.7 

17.1 

28.5 

515 

£ 
5.7 

17.1 

28.5 

51,5 

£ 
5.7 

17.1 

28.5 

51.5 

£ 

5.7 
17,1 

28,5 

51,5 

P, 

psfa 

5840 

5055 

4310 

2865 

P, 
psfa 

4640 

4040 

3510 

2510 

P. 
psfa 

5640 

4890 

4160 

2860 

P, 
psfa 

5100 

4460 

3880 

2820 

P, 

psfa 

5530 

4810 

4140 

3040 

P. 

psfa 

5150 

4450 

3850 

2780 

0 
0.386 

0,417 

0457 

0559 

73 

0,860 

0872 

0.890 

0.920 

0 
0,450 

0,486 

0,526 

0616 

0 
0,525 

0,556 

0590 

0,665 

0 
0565 

0.599 

0,633 

0,701 

0 
0.681 

0.710 

o!740 

0796 
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Table A-1 (Contd. I 

T, 
°C 

Re-

Run M-1 

24 1.774 

Run Q-1 

28 2.83 

RjnS-1 

27 4.66 

Run W-1 

30 1.08 

WL, 

lb/sec 

125 

196 

3.26 

0.754 

WfidO)^. 
iB/sec 

2.94 

5.83 

4.22 

6.62 

S 

O030 

0149 
0267 

0.305 

0743 
0.980 

0.030 
0.149 
0267 

0.505 
0.743 

0.980 

0030 
0.149 

0.267 
0.505 
0743 
O980 

O030 
0,149 
0,267 

O505 
0743 

0842 
O980 

£ - 5 . 7 

0.022 
0.0083 

0.0104 
O0139 

O0167 

0.018 

0.0375 
0.0389 

0.0403 
0.0625 

O075 
0.08O5 

0.139 
0.112 

0.125 
0.0121 
0125 
0.124 

O059 

0.015 
0.015 
0.087 

O098 
O107 
0,138 

S 

0.047 

0.078 
0.203 

0.328 

0453 
0578 

O703 
0.828 
0.922 

0.953 

0.047 

0.203 
0328 

0.578 
0.828 
0.922 

0.047 

0.078 
0.203 
0328 
0578 
0.828 
0,922 

O047 
0,203 
0.328 
0.578 

0,828 
0.922 

Gas Fraction, a 

£ • 1 7 . 1 

0057 

0.068 

0.099 
0.119 

0.122 

0.108 
0.126 

0111 
0.137 
01325 

0136 
0209 
0229 
0271 

0.279 
0.264 

00725 
0.099 
0.132 
0139 
0.164 

0.155 
0.155 

0.207 
0.308 
0.323 
0341 

0358 

0.377 

S 

O062 

0181 
O320 

0578 
0836 

O906 

0955 

0.062 
0181 
0.320 
0578 

0836 
O906 

0.062 

0181 
0320 

0578 
0836 
O906 

0.062 
0181 
O320 
0578 

0.836 
0.906 

£ - 28.5 

O107 

0144 

0156 
0179 

0196 
0.167 
0.167 

O208 
0218 
0.292 
0294 

0332 
0.340 

0.114 

0156 
0184 
0,202 
0,220 
0212 

0,330 
0377 
0394 

0.440 
0,459 

O440 

s 

0.062 
0.187 

0,312 

0562 
0687 
0812 

0937 
0.938 

O062 
0.187 
0312 
0562 
0.812 
0 .«7 

0938 

0.062 
0.187 

0.312 
0,562 
0812 
0,938 

0.062 
0.312 
0562 
0812 

0.938 

£ - 5 1 . 5 

0.207 

0246 
0268 

0.285 
0.278 
0271 

0292 
0.314 

O304 

0.357 
0401 
0419 
0444 

0.419 

0,436 

0241 

0275 
O305 
0.329 

0332 
0.337 

0429 

O510 
0523 
0532 
0546 

£ 

5.7 
17.1 
28.5 

51.5 

£ 
5,7 

17.1 
28.5 

51.5 

J_ 
5.7 

17.1 
28.5 
51.5 

i 

57 
17.1 
28.5 
51.5 

P, 

psfa 

5550 
4810 

4100 
2750 

P, 
psfa 

5060 
4410 
3830 
2810 

P, 

psfa 

5520 
4770 
4070 
2800 

P, 
psfa 

4460 
3890 
3400 
2560 

0 

0.511 
0.547 

0.587 
0.679 

0 
0,596 
0,630 

0727 

0 
0.369 
0403 
0442 
0.535 

0 

0834 
O850 
0869 
0878 
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Table A-2 

LIQUIO VEIOCITV 

Run 
No. 

B-1 

U-1 

A-? 

Re-

8,61 

6,55 

14 5 

Liquid Velocity, UL 

S 

0,01 
0,125 
0,24 
0,36 
0,60 
0.84 
0,92 
0,% 

£-5 ,7 

1.24 
2.45 
2.36 
2.17 
2.15 
2.12 
2.12 
2.11 

S 

0,90 

0,92 

0,01 
0,125 

0,60 
0.84 
0.92 

0.01 
0,125 

0,36 
0,60 
0,84 
0.92 
0,% 

£•28,5 

172 

0,65 

134 
134 

0,54 
0,783 
1,055 
108 
111 
111 

0,67 
1,86 

2,70 
2,76 
2,81 
2,86 
2,86 

S 

0,04 
015 

0 39 
0,63 
0,87 
0,89 

0,04 

n?7 
0,39 
0,63 
0,87 

0,04 
0,15 
0,27 
0 39 
0,63 
0,87 
0 99 

0,04 
0,15 

n,63 
0,87 
0,89 

£-51.5 

0.88 
136 
1,68 
169 
1.74 
175 
1.72 

0,845 
117 
1.43 
148 
154 
1.59 
159 

0,82 
0,98 
1.19 
L25 
130 
1.345 
1.325 

0.82 
2,44 

336 
338 
3,42 

£ 

— 5,7 
28,5 
51,5 

t 
— 5,7 
28,5 
51,5 

£ 

— 5,7 
28,5 
51.5 

f 

5,7 
28,5 
51,5 

B 

0.268 
0.332 
0.407 

B 
— 0,252 
0,310 
0,407 

B 

0.232 
0,299 
0,354 

B 

0.262 
0319 
0.397 

Run 
No. 

8-2 

(J-2 

0-2 

F-2 

Re-

13.2 

11/ 

10.0 

13,8 

S 

0,01 
0,125 
0.24 
0.36 
0.60 
0,84 
0,92 
0,% 

OOl 
0,125 
0,24 
0,36 
060 
0,84 
0.92 
0.96 

0,01 
0,125 
0,24 
036 

0,84 
0,92 

0,% 

0,01 
0.125 
0.24 
0.36 
0,60 
0.84 

£ •5 .7 

117 
2,15 
2,10 
2,08 
1,91 
1,81 
184 
1.84 

1,31 
1,88 
1,85 
1,77 
1,66 
1,58 
1.56 
1.50 

1.45 
1.59 
1.52 
1,46 
1,41 
1,29 
136 
1,29 

1,41 
2.27 
2.16 
2.07 
1.89 
1.88 

Liquid Velocity, UL 

S 

0.01 
0.125 
0,244 

036 
0.60 
0,84 
0,92 
0,96 

0,01 
0,125 

036 
0,60 
0.68 
084 
0.92 

0,01 
0,125 

036 
0,60 
0,68 
0,84 
0,92 

0,01 
0,125 
0,24 
0,36 
0,60 
0,84 
0,92 
0,96 

£•28,5 

057 

2,16 
2,23 
2.32 
2.39 
2.43 
2,45 

1,44 
1,72 
1,89 
2,04 
2.02 
2,05 

0,49 
0,98 
1,20 
1,65 
1,78 
1,71 
1.71 

0.665 
1,395 
2,43 
2,41 
2,47 
2,53 
2,56 
2,56 

S 

004 

0,63 
0,87 

0,15 
0,27 

039 
0,63 
0,87 

0,99 

0,04 
0,15 
0,2) 
0,39 
0,63 
0,8/ 
0,89 

0.04 
0.15 
0.27 
039 
0,63 
0,87 
0,89 
0,99 

£ • 5 1 5 

1,02 

1,61 

2.08 

2.28 

2,29 

0,55 
1,44 
1,66 
1,68 
1,72 
1,79 
1,85 

0,56 
2,07 
2,70 
2,79 
2,82 
2,99 
2,99 
2,96 

f 

51,5 

f 

28,5 
51,5 

t 

5,7 
28,5 
51,5 

£ 

5,7 
28,5 
515 

B 

0.344 

B 

D.no 
0,292 

73 

0,130 
0,168 
0,230 

73 

0.240 
0,296 
0-380 

CALCULATED PROFILE DATA 

Run No, 

C-I 

J-1 

N-1 

0-1 

P-l 

T-l 

V-1 

B-1 

R-1 

U-1 

A-2 

B-2 

C-2 

£ 

28,5 
51,5 

Z8.5 
51,5 

28,5 
51,5 

28,5 
51,5 

28,5 
51,5 

28,5 
515 

28,5 
51,5 

28,5 

28,5 

28.5 

28.5 

28.5 
51.5 

n 

20.0 

8,7 

13,0 

130 
10,0 

8,5 
11,0 

10,0 

8,5 
10,0 

P 

8.5 
22.3 

11,4 
22,6 

7,0 
21,9 

8,0 
16,6 

6,3 
21,2 

15,0 
43,0 

8,2 
11,6 

8,7 
15,0 

9,7 

7,9 
7,6 

8,2 

6,7 
11.9 

K 

0.990 1 
0,995 1 

0.990 1 
1.00 1 

0985 1 
0,997 1 

1,00 1 
0,986 1 

0,990 1 
0,990 1 

0,985 1 
0,985 1 

X 

01 
00 

01 
00 

02 
00 

DO 
02 

02 
01 

02 
02 

V 

3,66 
3.64 

5.20 

446 

7.16 
5.61 

8.0 
7.0 

6.20 
520 

4 0 3 
2.94 

11.50 
9,36 

2,44 
1,80 

308 
2,13 

3.64 
3.31 

2.28 
1.80 

2.42 
1.92 

2.73 
2,40 

* 

2,41 
1,80 

3,05 
2,13 

3.57 
3.31 

2,28 
1.76 

2.37 
1.90 

2,68 
2,35 

Run No, 

0-2 

F-2 

0-1 

F-l 

H-1 

I-l 

K-1 

L-l 

M-1 

Q-1 

S-1 

W-1 

£ 

28,5 
51,5 

28,5 
51.5 

28.5 
51.5 

28.5 
51.5 

28,5 
51,5 

28,5 
51,5 

28.5 
51.5 

51,5 

28,5 
51,5 

28,5 
51,5 

51,5 

51,5 

n 

9,0 
8,5 

8,0 
110 

P 

14,0 
9,4 

6,7 
7,9 

22.3 
13.2 

12.5 
29.0 

107 
15,0 

10,9 
13.3 

9.6 
16,8 

19,0 

15,6 

17,2 

16,4 

25.0 

K 

0.985 
0987 

0985 
0,985 

). 
1.01 
1.01 

1,02 
1,02 

V 

3.52 
2,58 

2.59 
2-25 

6-39 
5-26 

12-1 
15-1 

5,61 
4 8 0 

2,75 
2,65 

530 
4,75 

8,03 

;,oo 

5,72 

4,07 

3 4 3 
2,58 

9,30 
8-45 

* 
3.48 
2-55 

2-54 
2.20 
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Table A-4 

ARMAND'S PARAMETER 

R u n 

N o . 

C - l 

J - 1 

N - 1 

O - l 

P - l 

T - l 

V - 1 

B - 1 

R - 1 

U - 1 

A - 2 

B - 2 

C - 2 

i 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

a 

0 . 2 8 2 

0 . 3 6 5 

0 . 2 2 2 

0 . 3 3 7 

0 . 2 0 5 

0 . 3 1 6 

0 . 3 5 5 

0 . 4 5 7 

0 . 3 2 1 

0 . 4 3 2 

0 . 2 2 1 

0 . 3 5 8 

0 . 4 6 0 

0 . 5 7 9 

0 . 1 6 9 
0 . 2 7 7 

0 . 1 1 1 

0 . 2 3 4 

0 . 0 8 7 

0 . 1 7 1 

0 . 1 7 2 

0 . 2 7 3 

0 . 1 2 8 

0 . 2 1 5 

0 . 0 9 4 

0 . 1 4 6 

(3 

0 . 5 8 9 
0 . 6 7 1 

0 . 6 0 9 
0 . 6 9 5 

0 . 6 5 2 

0 . 7 2 2 

0 . 8 1 5 

0 . 8 5 5 

0 . 7 4 8 

0 . 8 0 0 

0 . 5 3 5 

0 . 6 2 2 

0 . 9 0 5 

0 . 9 2 7 

0 . 3 3 2 

0 . 4 0 7 

0 . 3 1 0 

0 . 3 9 5 

0 . 2 9 9 
0 . 3 5 4 

0 . 3 1 9 
0 . 3 9 7 

0 . 2 6 2 

0 . 3 4 4 

0 . 2 2 0 

0 . 2 9 2 

C 

0 . 4 7 9 

0 . 5 4 3 

0 . 3 6 5 

0 . 4 8 5 

0 . 3 1 5 

0 . 4 3 8 

0 . 4 3 5 

0 . 5 3 5 

0 . 4 3 0 

0 . 5 4 0 

0 . 4 1 3 

0 . 5 7 5 

0 . 5 0 9 
0 . 6 2 5 

0 . 5 1 0 

0 . 6 8 0 

0 . 3 5 8 

0 . 5 9 2 

0 . 2 9 1 
0 . 4 8 4 

0 . 5 4 0 

0 . 6 8 7 

0 . 4 8 9 
0 . 6 2 5 

0 . 4 2 7 

0 . 5 0 0 

6 

0 . 0 0 7 

0 . 0 7 1 

0 . 1 0 7 

0 . 0 1 3 

0 . 1 5 7 

0 . 0 3 4 

0 . 0 3 7 

0 . 0 6 3 

0 . 0 4 2 

0 . 0 6 8 

0 . 0 5 9 

0 . 1 0 3 

0 . 0 3 7 

0 . 1 5 3 

0 . 0 3 8 

0 . 2 0 8 

0 . 1 1 4 

0 . 1 2 0 

0 . 1 8 1 

0 . 0 1 2 

0 . 0 6 8 

0 . 2 1 5 

0 . 0 1 7 

0 . 1 5 3 

0 . 0 4 5 

0 . 0 2 8 

R u n 

N o . 

D - 2 

F - 2 

D - l 

F - l 

H - 1 

I - l 

K - 1 

L - l 

M - I 

Q - 1 

S - 1 

•W-1 

i 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

A v 

a 

0 . 0 5 6 

0 . 1 0 8 

0 . 1 3 9 

0 . 2 1 3 

0 . 1 1 6 

0 . 1 9 4 

0 . 4 0 0 

0 . 4 2 8 

0 . 1 6 5 

0 . 2 5 5 

0 . 3 4 3 

0 . 4 2 8 

0 . 2 4 9 
0 . 3 3 7 

0 . 2 6 0 

0 . 3 5 8 

0 . 1 6 4 

0 . 2 6 9 

0 . 2 9 0 

0 . 3 9 5 

0 . 1 8 8 

0 . 3 0 9 

0 . 4 1 5 

0 . 5 0 9 

e r a g e 'V 

/3 

0 . 1 6 8 

0 . 2 3 0 

0 . 3 9 6 

0 . 3 8 0 

0 . 4 5 7 

0 . 5 5 7 

0 . 8 9 0 

0 . 9 2 0 

0 . 5 2 6 

0 . 6 1 6 

0 . 5 9 0 

0 . 6 6 5 

0 . 6 3 3 
0 . 7 0 1 

0 . 7 4 0 

0 . 7 9 6 

0 . 5 8 7 

0 . 6 7 9 

0 . 6 6 1 

0 . 7 2 7 

0 . 4 4 2 

0 . 5 3 5 

0 . 8 6 9 
0 . 8 7 8 

a l u e s: 

C 

0 . 3 3 3 

0 . 4 7 0 

0 . 4 7 0 

0 . 5 6 0 

0 . 2 5 4 

0 . 3 4 8 

0 . 4 5 0 

0 . 4 6 5 

0 . 3 1 3 

0 . 4 1 3 

0 . 5 8 1 

0 . 6 4 3 

0 . 3 9 4 

0 . 4 8 0 

0 . 3 5 2 

0 . 4 5 0 

0 . 2 8 0 

0 . 3 9 6 

0 . 4 3 9 
0 . 3 4 3 

0 . 4 2 5 

0 . 5 7 8 

0 . 4 7 8 

0 . 5 7 9 

0 . 4 7 2 

6 

0 . 1 3 9 
0 . 0 0 2 

0 . 0 0 2 

0 . 0 8 8 

0 . 2 1 8 

0 . 1 2 4 

0 . 2 2 2 

0 . 0 0 7 

0 . 1 5 9 

0 . 0 5 9 

0 . 1 0 9 
0 . 1 7 1 

0 . 0 7 8 

0 . 0 0 8 

0 . 1 2 0 

0 . 0 2 2 

0 . 1 9 2 

0 . 0 7 6 

0 . 0 3 3 

0 . 0 7 1 

0 . 0 4 7 

0 . 1 0 6 

0 . 0 0 6 

0 . 1 0 7 

0 . 0 8 3 
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Table A-5 

AVERAGE AND SLIP VELOCITY DATA 

R u n 

N o . 

C - l 

J - 1 

N - 1 

O - l 

P - l 

T - l 

V - 1 

B - 1 

R - 1 

U - 1 

A - 2 

B - 2 

C - 2 

D - 2 

F - 2 

D - l 

F - l 

H - 1 

I - l 

K - 1 

L - l 

M - 1 

Q - 1 

S - 1 

•(V-l 

e 
2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 
5 1 . 5 

2 8 . 5 
5 1 . 5 

2 8 . 5 
5 1 . 5 

2 8 . 5 
5 1 . 5 

2 8 , 5 

5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 . 5 

5 1 , 5 

2 8 . 5 
5 1 , 5 

2 8 , 5 
5 1 , 5 

2 8 . 5 

5 1 , 5 

2 8 . 5 
5 1 , 5 

2 8 , 5 
5 1 . 5 

2 8 , 5 

5 1 . 5 

2 8 . 5 
5 1 . 5 

2 8 . 5 

5 1 . 5 

2 8 , 5 
5 1 . 5 

2 8 . 5 

5 1 , 5 

2 8 . 5 

5 1 , 5 

2 8 , 5 

5 1 , 5 

2 8 , 5 
5 1 , 5 

V M i x 

0 , 8 7 

1,00 

0 . 7 4 

0 . 9 6 3 

0 . 5 2 7 

0 . 6 6 5 

1.00 

1.28 

1.00 

1.25 

1.01 

1.25 

1.31 
1.74 

1.78 
2 . 0 0 

1,56 
1.78 

1,28 

1,51 

2 . 9 8 

3 . 3 5 

2 . 4 8 

2 . 8 0 

2 . 0 7 
2 . 2 8 

1,74 

1.89 

2 . 7 1 

3 .07 

0 . 5 0 8 

0 . 6 2 5 

1.01 

1.39 

0 , 6 4 5 

0 , 7 9 6 

0 . 9 6 

1.18 

0 . 7 0 5 

0 . 8 6 7 

0 . 6 5 9 
0 . 8 4 5 

0 . 5 9 6 
0 , 7 7 0 

1,14 

1.41 

1.15 

1.38 

1,16 
1.45 

UG 

1.83 

1.77 

2 . 0 0 

1.99 

1.67 

1.52 

2 . 3 0 

2 . 3 9 

2 . 3 0 

2 . 3 1 

2 . 4 5 

2 . 1 7 

2 . 5 8 

2 . 7 8 

3 . 4 8 

2 . 9 5 

3 . 7 3 

3 ,0 

3 , 6 4 

3 . 6 4 

5 . 5 3 

4 . 8 9 

5 . 0 8 

4 . 4 8 

4 . 8 5 
4 . 5 5 

5 . 2 0 

4 . 0 3 

5 , 7 5 

5 . 4 8 

1.99 

1.79 

2 . 2 3 

2 , 9 1 

2 , 0 5 

1,93 

1 .65 

1.82 

1 .80 

1,81 

1.87 

1.88 

2 , 1 3 

1,94 

2 . 6 0 

2 . 6 0 

2 . 7 1 

2 , 4 0 

2 , 3 7 

2 , 5 6 

U L 

0 . 5 0 

0 . 5 6 

0 . 3 8 0 

0 . 4 4 5 

0 . 2 3 

0 . 2 7 

0 . 2 8 7 

0 . 3 4 1 

0 , 3 7 1 
0 , 4 4 4 

0 . 6 0 9 
0 , 7 3 7 

0 , 2 3 2 

0 . 2 9 8 

1.43 

1.62 

1.21 
1.41 

1 .00 
1.10 

2 . 4 2 

2 . 7 2 

2 . 1 0 

2 . 3 3 

1 .78 

1.89 

1.48 

1 .56 

2 , 2 2 
2 . 4 3 

0 . 3 1 2 

0 , 3 4 0 

0 . 1 8 4 

0 , 1 9 2 

0 , 3 6 5 

0 . 4 1 0 

0 . 6 0 

0 . 6 9 

0 . 3 3 9 
0 . 3 8 5 

0 . 2 3 3 

0 . 2 6 9 

0 . 2 9 5 

0 . 3 3 8 

0 . 5 4 5 

0 . 6 3 9 

0 . 7 9 1 
0 . 9 3 

0 , 2 5 5 

0 . 3 0 3 

" G 

0 . 9 6 
0 . 7 7 

1 .26 

1 .03 

1.14 

0 , 8 6 

1 .30 

1.11 

1 .30 

1 .06 

1.44 

0 . 9 2 

1.27 
1 .04 

1 .70 

0 . 9 5 

2 . 1 7 

1.22 

2 . 3 6 

2 . 1 3 

2 . 5 5 
1.54 

2 . 6 0 

1 .68 

2 . 7 8 
2 . 2 8 

3 . 4 6 
2 . 1 4 

3 . 0 4 

2 . 4 1 

1 .48 

1.17 

1 .22 

1 .52 

1.41 

1 .13 

0 . 6 9 
0 , 6 4 

1 .09 
0 . 9 4 

1.21 

1.04 

1 .53 

1.17 

1 .46 

1 .19 

1 .56 

1 .02 

1.21 

1.11 

- I L 

0 . 3 7 

0 . 4 4 

0 . 3 6 

0 . 5 2 

0 . 3 0 

0 . 3 9 

0 . 7 1 

0 . 4 4 

0 . 6 3 

0 . 8 1 

0 . 4 0 

0 . 5 1 

1 .08 

1.44 

0 . 3 5 

0 . 3 6 

0 . 3 5 

0 . 3 9 

0 . 2 8 
0 . 4 1 

0 . 5 6 

0 . 8 3 

0 . 3 8 

0 . 4 7 

0 , 2 9 

0 . 3 9 

0 . 2 6 

0 . 3 3 

0 . 4 9 
0 . 6 4 

0 . 1 9 6 
0 , 2 8 5 

0 , 8 3 

1 .20 

0 , 2 8 

0 . 3 9 

0 , 3 6 

0 . 4 9 

0 . 3 6 6 

0 . 4 8 2 

0 . 4 2 6 

0 . 5 7 6 

0 . 3 0 1 

0 . 4 3 2 

0 . 6 0 

0 . 7 7 

0 . 3 6 

0 . 4 5 

0 . 9 0 

1 .15 

U R 

1 .33 

1 .21 

1 .62 

1 .54 

1 .44 

1 .25 

2 . 0 1 
2 . 0 5 

1 .93 

1 .87 

1 .84 

1 .43 

2 . 3 5 

2 . 4 8 

2 . 0 5 

1 .31 

2 . 5 2 

2 . 5 9 

2 . 6 4 

1 .54 

3 . 1 1 
2 . 1 7 

2 . 9 8 

2 . 1 5 

3 . 0 7 

2 . 6 6 

3 . 7 3 

2 . 4 7 

3 . 5 3 

3 . 0 5 

1 .68 

1 . 4 5 

2 . 0 5 

2 . 7 2 

1 .68 

1 .52 

1 . 0 5 

1 . 1 3 1 

1 .46 

1 .42 

1 .64 

1 .61 

1 ,84 

1 .60 

2 . 0 6 

1 .96 

1 .92 
1 .47 

2 . 1 2 

2 . 2 6 
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